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Abstract 
The flow characteristics of a fluidized bed of magnetite (iron oxide powder) in an 
, ',( ·' 
open channel were studied experimentally. An apparatus was built that allowed 
continuous and steady flow to be achieved in a 1.3 m long and 100 mm wide inclined 
open channel, and also, after slight modification of the experiµiental rig, in a 2.3 m 
long and 100 mm wide channel. \ 
) 
,· 
; i 
Data were obtained on the effects o~ mass feed /rate of solids, channel 
inclination, superficial gas velocity, particle size and channel length on the depth of 
the flowing bed of 139 µm and 169 µm magnetite particles. It was observed that 
Q (J 
channel inclination and superficial gas velocity have a very pronou.nced · effect on the 
-, . 
bed depth and shape of the free surface profile of the flowing bed. 
'-,., . . 
, .. , •. 
For certain operating conditions it was possible to apply the liquid analogy 
approach, based on the laminar flow of non-Newtonian fluids in pipes, to the flowing 
, . ·1 
bed of magnetite. A friction factor vs. gene~lized Reynolds number correlation, 
characterized by a power-law model and originally devqloped for laminar flow of non-
' 
Newtonian fluids, showed good agreement with the experimental results. 
The flowing bed of 139 µm magnetite displayed different non-Newtonian 
behavior depending on the superficial gas velocity and depth of the bed. For a 
superficial gas velocity of 2.3umf and 40 mm bed depth, the flowin~ed behaved like 
--~--
a Bingham plastic fluid, while at a 55 mm bed depth it exhibited pseudoplastic 
behavior. 
1 
'> 
II 
1 Introduction 
The first commercial application of fluidization goes back in 1922, when a fluidized 
bed was used for the gasification of powdered coal. The broader application of 
.... 
fluidization technology was promoted during World War II by chemical engineers on 
account of the growing demands for petroleum products. 
The advantages of fluidi~ed beds involve good fluid-solid contacting, solids 
mixing and uniformity of temperature; properties that have all been exploited in a 
··';,\\ 
,.,,. 
wide range of chemical processes such as: synthesis reactions, fluid catalytic cracking 
and reforming, fluid coking, coal carbonization and gasification, calcination, cement 
clinkering and ore roasting. Other applications include: mixing of fine powders, 
coating of solids, solids drying and sizing. 
In recent years, there has been increasing interest in boilers and heat-
exchangers employing fluidized beds as a result of the favorable combustion and the 
excellent heat transfer which is obtained between the bed and immersed ~urfaces. 
, 
Although small-scale fluidized bed boilers are operating successfully, there is still a 
lot of research activity involved in that area. 
Fluidized solids often display similar behavior as liquids, and this property 
,, 
has effectively been used for the transportation of powdered solids. The advantages 
\ 
\ 
of the fluidized bed conveyor or 'Air-slide' include: simplicity of,, construction and 
t: ' ... 
operation, low capital and maintenance costs, minimal attrition of conveyed material 
and wear of the channel, totally enclosed design giving cleanliness and low wastage 
of powder, and high conveying rates for relatively low cross-sectional area and power 
consumption. 
2 
Recently, several studies have dealt specifically with the application of 
fluidization to coal cleaning. In this case, the property of segregation of solids is used 
rather than good mixing. There is· a tendency, at low bubbling conditions, for the 
solids to stratify in the vertical direction according to density difference, and to a 
lesser extent particle size. In order to use the process for industrial application, a 
concept of a continuously operating fluidized bed is needed. For that purpose, a 
device similar to the fluidized bed conveyor has to be employed. 
To be able to design the equipment and set up the parameters for the coal 
cleaning process, it is necessary to understand the flow behavior of the fluidized 
solids. However, there is still a large degree of lack of information on the character 
and properties of the flowing bed, which in some ways have only superficial 
similarity to the flow of true fluids. Consequently, research in fluidization has tended 
to be a matter of discovery and investigation rather than the refinement and 
improvement of established techniques i.e. first principles. Th~ is not quite 
\~ 
satisfactory, particularly since in fluidization it is often found that the range of 
application of empirical correlations extends very little beyond that of the conditions \.~$ 
under which they were determined. So far, all attempts to account for fluidized bed 
flow behavior from theoretical considerations have proved to be of little value in 
practical situations. The interaction of particles on a microscopic scale is not 
completely understood and such knowledge as is available is not easy to apply, 
especially in gas-fluidized beds, which are generally heterogeneous. 
Therefore, the approach adopted in this work was focused on gathering 
relevant information on the flow characteristics of materials at fluidizing conditions 
which· will be used in the coal cleaning process. An apparatus was designed which 
has enabled the study of the effects of variation of different parameters on the flow 
3 
-----------~------------------------------------------------...... 
behavior of a continuously operating fluidized bed, with direct relevance to 
commercial application. 
/ 
4 
-. 
2 Fluidization 
2.1 The concept of a fluidized bed 
If a fluid is moving upwards through a supported bed of solid particles at a relatively 
low rate, it will pass through the interstitial voids without disturbing the packing 
arrangement of the bed. As the superficial velocity (that is, the volume flow rate per 
unit cross-sectional area of the fluidizing vessel when empty) of the fluid going 
upwards through the stationary bed is gradually increased, the pressure drop across 
the bed increases (Figure 2.la). For a given bed, the pressure drop across it depends 
only on the :flow, rate of the fluid, in most cases the relationship being approximately 
proportional. This system is termed a 'fixed' or 'packed' bed (Figure 2.lb). 
As the superficial velocity continues to increase, at some point the pressure 
drop will approach the magnitude of the downward gravity force per unit cross-
sectional area of the bed of particles. There will be a slight expan~ion of the bed 
accompanied by a rearrangement of the particles as each one tends to 'float' 
separately in the upward flow of fluid. At this moment, the particles are at a state 
corresponding to the loosest possible packing in the bed, which is known as the point 
of 'incipient' or 'minimum' fluidization (Figure 2.lc). In this condition, the bed 
exhibits many fluid-like characteristics; for example, it will flow from a hole in the 
side of the containing vessel, light objects can be 'floated' on its surface whereas 
heavier objects will sink, and the surface will remain horizontal if the vessel is tilted. 
Further increase in the superficial velocity of the fluid will cause little, ifp~hy, 
-·· 
change in the pressure drop across the bed, but will cause the bed to expand, ~hus 
allowing additional spaces between the particles through which the· fluid can pass. At 
5 
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Figure 2.1 Regimes of fluidization of an 'idealized' bed. 
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still greater superficial velocities, when the 'minimum bubbling velocity' is reached, 
the excess fluid tends to pass through the bed in the form of bubbles or voids 
(Figure 2.ld) until eventually a stage is achieved where the interstitial velocity of 
the upward flowing fluid approaches the term'inal velocity of the solid particles. 
These particles then tend to become entrained in the flow, being carried upwards 
from the surface of the bed. This process is called elutriation. 
Depending upon factors such as particle size and size distribution, particle 
shape, fluidizing velocity, bed depth, bed diameter and distributor construction, 
several types of flow regimes are possible. Different kinds of 'imperfect fluidization' 
are shown in Figure 2.2, including partial fluidization (Figure 2.2a), channeling 
(Figure 2.2b), intermediate channeling (Figure 2.2c) and slugging (Figure 2.2d). 
When dealing with coarse granular material, a 'spouted' bed can be 
,. '"" 
convenient to fluidize the particles (Figure 2.3). It can be regarded as a combination 
of two distinct regimes of gas/solids flow: a central core moving upward at relatively 
high velocity in which the solid particles are widely dispersed, and the surrounding 
main part of the bed in whic~ the densely packed particles move slowly downwards. 
( 
2.2 General features of fluidized beds 
) 
2.2.1 The minimum fluidization velocity 
The onset of fluidization is conventionally illustrated on a plot of the pressure drop 
across the bed against the superficial gas velocity, and fo:r an 'ideal' bed of uniformly 
sized spherical particles the relationship between the pressure drop dp and the 
superficial velocity Uo might be linear as shown in Figure 2.la. Note that at a given 
. } 
superficial velocity, the pressure drop across the bed may be different when fluidizing 
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than when defluidizing, been.use of the looser packing of the particles in the latter 
case. The 'minimum fluidization velocity', umf, is defined as the point at which the 
bed of particles becomes fully supported, from this loosest packing arrangement. 
This feature makes it convenient to determine the minimum fluidization velocity 
experimentally in a simple and easy way. For the purpose of this study, a small 
9 
• 
,, . 
cylindrical 150 "mm diameter bed was used to measure the minimum fluidization 
velocities of materials employed in the flowing bed tests. 
In practice it is useful to have an expression relating the • • m1n1mum 
fluidization velocity to the fluid and particle properties. Since the onset of 
,. 
fluidization occurs when the pressure drop across the bed becomes equal to the 
weight of the particles, we can write 
(2.1) 
, 
Using the Ergun model [ 1 ] for the pressure drop across a fixed bed 
2 
(2.2) 
and equating it with equation (2.1), we get an expression from which the minimum 
fluidization velocity can _be obtained. Since in most cases f mf and ¢5 are unknown, 
Wen and Yu [ 2 ] have correlated these parameters for a wide range of particle 
systems and proposed an expression for umf given as 
or for small particles 
(33.7)2 + 0.0408~Pt(Pp 2- Pt )g 
µf 
1/2 
- 33.7 
Rep < 20 
10 
(2.3) 
(2.4) 
and for large particles 
dv(Pp - Pt )g 
- 24.5pf Rep> 1000 (2.5) 
where 
Due to the approximations made, none of these expressions is very accurate. Wen 
and Yu ( 2 ] report a standard deviation of ±34% over a range of Rep from 0.001 to 
4000. 
As a useful rule of thumb for fluidization with air at normal ambient pressure 
and temperature, Woodcock and Mason ( 3 ] give an expression of the form 
(2.6) 
and suggest a value of C ' of 420 to give reasonable prediction of umf for a range of 
different powders from around 50 µm to 500 µm. 
Thus 
(2. 7) 
where m/s, Pp kg/m3 and dv is in meters. Many alternate • • IS Ill • Ill 
procedures leading to a variety of expressions for calculating umf of binary mixtures 
are summarized and reported by Davidson et al. [ 4 ]. 
11 
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2.2.2 The minimum bubbling velocity 
For beds of powders that tend to operate in the bubbling regime, increasing the 
superficial velocity above umf leads to a different degree of expansion of the bed. The 
velocity limit for this case corresponds to the appearance of the first bubble and is 
called the 'minimum bubbling velocity', umb· 
The minimum bubbling velocity can be determined by visual observation, 
however, the uncertainity introduced by this kind of measurement can be significant 
due to wall effects and/ or possible non-uniformities in air flow distribution, creating 
preferential bubbling spots, so that a few bubbles may be observed while the bed is 
still expanding. Some empirical correlations for umb are reported by Cheremisinoff 
[ 5 ] . 
2.2.3 Density and particle size effect 
The fact that the size and density of particles, and also the size distribution, can 
affect the behavior of a bed of fluidized solids has been noticed for long. Also, it is 
found that with decreasing particle size and density, the minimum fluidization 
velocity decreases and the bed expansion ratio increases. When estimating the mean 
,i 
particle size of a material obtained from sieve analysis, making use of the usual 
definition 
dwm Exda (2.8) 
tends to underemphasize the influence of the fine parti,,cles. Therefore a more 
appropriate mean size is the volume surface mean diameter, which is defined as 
dvsm ~ (I;trl (2.9) 
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Geldart [ 6 ] has probably made the greatest contribution to the investigation of the 
f' 
fluidization characteristics of different types of particulate solids. He showed that 
powder materials can be classified into four groups, characterized by the difference in 
,,, 
the densities of the solid and the gas phase, and by the mean particle size. The 
features of the groups can be presented as follows: 
Group A. This group includes materials having a small particle size and/or low 
particle density (less than about 1400 kg/m3 ). The expansion of the bed between the 
minimum fluidization velocity umf and the minimum bubbling velocity umb is 
considerable and the bed settles relatively slowly when the fluidizing gas flow is 
turned off. At velocities above umb the bed bubbles freely, with all bubbles rising 
more rapidly than the interstitial gas velocity. A maximum bubble size does appear 
to exist. Further increases in velocity cause slugging. As the superficial gas velocity 
is further increased, slug flow breaks down into a turbulent regime. 
Group B. In general, most materials in the mean particle size and density ranges 
from 40 to 500 µm and 1400 to 4000 kg/m3 fall into this group. The typical model 
of fluidized bed behavior can be represented by these materials. The bed expansion is 
small and bubbling occurs at or just above the minimum fluidization velocity. The 
J:>ed collapses very rapidly once the gas flow is cut off. As the velocity increases, 
bubble size increases and coalescence occurs. The bed bubbles freely, and eventually 
it tends to a form of slug flow at very high superficial gas velocities. 
Group C. "' Cohesive powders that are difficult to fluidize satisfactorily because of 
high interparticle forces resulting from very small particle size, electrostatic effects or 
high moisture content are included in this group. Difficulties, while fluidizing these 
13 
materials, usually result in the formation of stable channels or in the whole bed 
rising as a plug. 
Group D. This includes materials of large mean particle size and/or high particle 
density. Fluidization characteristics may be similar in some way to those in 
Group B, but Group D materials can be made to spout if the gas is admitted 
centrally. All hut the largest bubbles rise more slowly than the interstitial fluidizing 
gas, so that gas flows into the base of the bubble and out of the top. 
An illustration of this classification is given on a plot of (Pp - Pt) versus 
particle diameter (Figure 2.4). 
2.2.4 The distributor 
The porous membrane, or distributor represents a major component of the fluidized 
bed, since the fluidizing gas is introduced to the bed through it. There are several 
types of distributors being used such as: porous or perforated plates, plates with 
nozzles or bubble caps and multiple filter plates; all depending on the bed application 
and material used. 
Substantial interest surrounds the influence of the pressure drop ~Pd across 
the distributor, especially the ratio of this pressure drop to that across the fluidized 
bed Llpb, on the 'quality' of fluidization. Usually non-uniform and unstable 
fluidization results from a value of dpd which is too small, while an excessively large 
dpd will unnecessarily increase the capital and operating costs. A useful rule of 
thumb is 
"' 0.1 to 0.3 (2.10) 
min 
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2.3 The flow of fluidized solids 
2.3.1 Introduction 
Since World War II, fluidization has been used in many applications in chemical 
engineering, and in the last two decades a considerable amount of research has 
involved fluidized bed combustion. In spite of many potential advantages of fluidized 
transportation of materials over pneumatic conveying, investigation of flowing bed 
systems has not received much attention. The reason for this is in the complexity of 
the problem, even if some apparent similarity to the flow of liquids exists. The 
mechanism by which fluidized beds flow is still not fully understood. A number of 
models have been proposed, none of them completely adequate. The models 
developed from interaction of fluid and particles on a microscopic scale tend to be 
too complex when applied to a practical flow situation. 
Another approach is to treat the flowing bed as a continuum and analyze its 
bulk properties on a macroscopic scale by analogy with liquid flow. Although 
sometimes oversimplified, these models are more readily applicable to real flow 
situations. However, the results and correlations developed from small scale 
experiments are usually restricted to the specific conditions and materials used, and 
therefore they cannot be generalized over a wide range of real flowing bed situations. 
Since the flow of fluidized solids can be identified as non-Newtonian, a brief 
review of different non-Newtonian flow models is given, followed by a literature 
/ survey of small scale viscometer studies and studies of flowing fluidized bed systems. 
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2.3.2 Non-Newtonian flow models 
Most gases and simple liquids obey Newton's law of viscosity which relates the 
velocity gradient and shear stress as 
(2.11) 
where µ is the coefficient of {dynamic) viscosity and du/dy is the velocity gradient or 
shear rate. Some fluids, however, exhibit a more complicated relationship between 
shear stress and shear rate . These fluids are called non-Newtonian. 
More generally, the local shear stress T can be regarded as a function of the 
rate of shear i' and time t, and a considerable number of non-Newtonian fluid models 
have been proposed, described variously as 'time-independent', 'time-dependent' and 
'visco-elastic'. 
Neither time-thinning {thixotropic), time-thickening (rheopectic), or visco-
elastic behavior have been observed with fluidized solids flow. The time-independent 
fluid models are defined by the relationship 
T = f( "Y) 
and the Newtonian fluid is actually a special case of this general model. 
Since the relationship between T and i' is unique, the function can be plotted 
as a single line in a graph of shear stress against shear rate. Various types of 
behavior have been observed and the most important of these are represented in 
Figure 2.5 . 
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In their study on fluidized sand flow, McGuigan and Pugh [ 7 ] reported 
shear-thinning (pseudoplastic) behavior, while Botterill and van der Kolk [ 8] 
observed a range of behavior from shear-thickening,,,;.,( dilatant) to pseudoplastic. 
These types of behavior are characterized by curved lines on the plot of T against t, 
showing that as the shear rate is increased the fluid is tending either to become 'less 
viscous' (pseudoplastic fluids) or to become 'more viscous' ( dilatant fluids). It is 
convenient to define an 'apparent viscosity' µ3 pp ,,}n the same way as dynamic 
' 
viscosity is defined for a Newtonian fluid, i.e. 
µ - ! app - . 
'Y 
The term 'viscosity' has no meaning for a non-Newtonian fluid unless it is related to 
a particular shear rate, since µapp is not constant but is a function of t. 
The power law model, due to Ostwald and de Waale [ 30 ], is the simplest 
mathematical model of the behavior of pseudoplastic and dilatant fluids. It can be 
expressed as 
Tyx 
or in less explicit form as 
_ kl d Ux I n-1 d Ux 
dy dy 
i-:vn 
T = "'I 
(2.12) 
(2.13) 
where k and n are constants. The 'consistency factor' k gives an indication of the 
consistency of the fluid: the larger the value of k the 'more viscous' the fluid, and the 
' . . ,. 
.'O' ~ 
'flow index' n indicates the amount of deviation from Newtonian behavior. This can 
be usefully illustrated on a logarithmic plot as 
logT = logk + n log;, (2.14) 
19 
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where the slope of the log plot is n and the value of the factor k can be determined 
from the intercept (Figure 2.6). 
For the power law model, the apparent viscosity is given by 
k . n-1 µapp = 1 
(' ,• -
) 
. / ( 
j (2.15) 
The power law model has proved to be very useful, but it has a number of inherent 
limitations: (i) equation (2.15) suggests that µapp becomes infinite at zero rate of 
shear for n < 1; (ii) for fluidized solids, n is not likely to be constant over the entire 
range of flow conditions; and (iii) the consistency factor k has dimensions which 
depend upon the value of the index n. 
One class of fluids requires a finite shear stress to produce any motion. When 
this yield stress is exceeded, the material flows as a conventional fluid. This behavior 
can be represented by a model in which the fluidized solids flow under an effective 
shear stress T - Ty either as a Newtonian fluid (the Bingham plastic model) or as a 
pseudoplastic having power-law characteristics (the Herschel-Bulkley model). The 
features of these models are illustrated in Figure 2. 7 . Gabor [ 9 ] showed that the 
flow of particles under the action of rising bubbles in a two-dimensional bed of glass 
beads could be closely predicted by using a Bingham plastic model: 
(2.16) 
The yield stress Ty, and the plastic viscosity µp which can be defined as 
T - Ty µp - . 
'Y 
(2.17) 
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characterize the Bingha~ plastic model .. It is also possible to define an apparent 
viscosity in the same way as for the power Jaw model, i.e. 
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Figure 2.7 Yield stress models of non-Newtonian fluid flow. 
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(2.18) 
.. ,/ 
The above descriptions apply to viscous or laminar flow only. To ·characterize 
whether a flow is laminar or turbulent we use the Reynolds number: 
R PtDuav e = µ (2.19) 
For flow in circular pipes, the transition Reynolds number is usually around 2000. 
The same approach can be followed for other channel geometries by applying the 
concept of a hydraulic diameter, equal to the flow area divided by the wetted 
perimeter: 
D _ 4A 4wh 
H - P - w + 2h (2.20) 
2.3.2.1 The Metzner-Reed model 
Rabinowitsch developed an expression, rearranged later on by Mooney [ 10 ], which 
relates the rate of shear to the pressure drop for steady flow of a fluid in a circular 
pipe, provided the flow is laminar, no slip at the wall occurs, and thixotropy and 
rheopexy are eliminated. Their final expression takes the form 
du 
-dr 
wall 
Ddp d(8Q/1r n3) 
+ 4L 0 d(Ddp/4L) (2.21) 
4Q 
Introducing uav = 1r If2 , Metzner and Reed [ 11 ] rearranged eqn. (2.21) as follows 
where 
du 
dr 
w 
- 8uav 
D 
8uav 
- ----D 
3 1 d ln{Suav/ D} 
4 + 4 d ln{Ddp/4L} 
1 + 3n' 
4n' 
22 
(2.22) 
(2.23) 
n' _ d ln{D4p/4L} 
- d ln{Suav/ D} 
For a constant n' eqn. (2.24) can he integrated to obtain 
I 
n 
(2.24) 
(2.25) 
where k' is a constant of integration. The values of n' and k' can both be obtained 
from the previously mentioned log-log plot. If the plot is not linear, n' and k' can be 
determined for any particular 8uav/ D from the tangent at that point. 
Eliminating 8uav/ D between eqns. (2.23) and (2.25) and noting that D~p/4L 
represents the shear stress at the wall Tw , gives 
4n' 
Tw = k' 1 1 + 3n 
, 
n 
du 
--dr 
I 
n 
w 
(2.26) 
If n' is constant with a value of unity, equation (2.25) reduces to the Newtonian 
relationship ( equation 2.11 ). If n' is constant with a value other than unity, the 
power law model ( equation 2.12) is obtained with 
and 
I 
n=n 
4n' k = k' 1 + 3n' 
I 
n 
(2.27) 
According to Metzner and Reed, n' characterizes the degree of non-Newtonian 
behavior by its deviation above or below unity, and k', rather than k, characterizes 
the viscosity of the fluid. 
The Fanning friction factor corresponding to equation (2.25) is 
23 
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·' 
'F _ Di1p 
JI - 4L 
2 , 
PUav _ k'B" 2 _..;.;...;:' :;...._-, 
pDn u~;n 
(2.28) 
By letting /F = 16/ Re' as for Newtonian fluids in laminar flow, the generalized 
Reynolds number is 
Re' 
I I 
vn u~;n p 
, 
k'Bn -1 
Equation (2.29) suggests that an effective viscosity can be defined as 
2.3.3 Small scale viscometer studies 
, 
k'8" -l 
(2.29) 
(2.30) 
There have been many different attempts to study the apparent viscosity of fluidized 
solids, most of which involved the use of some type of immersed viscometer. The 
major drawback of many of the viscometers is that no calibration of the instrument 
is possible, thus only qualitative results can be obtained. Also, any viscometer which 
cannot measure non-Newtonian flows is of little value in a fluidized system. Only 
rotational viscometers were found to be suitable in determining the effect of particle 
size, density and shape, fluidizing velocity and bed height on the apparent viscosity 
of fluidized solids. One objection to the results obtained with these techniques is the 
unavoidable disturbance of the fluidization pattern caused by the immersed shearing 
surfaces. However, such disturbances also occur at the walls of a flowing bed, so the 
results from immersed shear surfaces should be more relevant to real transport 
situations than those obtained by other methods. 
Schiigerl [ 12 ] has made an extensive viscometric study using a rotational 
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viscometer with hollow cylindrical rotors. He suggests that the apparent viscosity is 
due to internal friction between the particles. The particle forces said to be 
responsible for this are the static inter-particle forces (electrostatic, van der Waals,· 
and capillary forces due to moisture) together with dynamic forces due to particle 
agitation. 
The relationship between the shear stress T and the velocity gradient du/dy, 
according to Schiigerl, may be approximated by sinh functions. However, studies 
made on incipiently fluidized beds showed marked departure from the proposed sinh 
model. Behavior similar to Bingham plastics was observed in that the materials 
exhibited a yield stress. After this point was reached, the stress was shown to 
decrease rapidly at very low shear rates, followed by a fairly linear increase as shear 
rate was increased further. 
The influence of bed height, rotor position or air distribution was not 
investigated by Schiigerl, although the general conclusions from his experimental 
work follow those of McGuigan ( summarised at the end of this section) regarding the 
effects of particle size, density and fluidizing velocity. 
The drawback, however, in all the studies is the inadequate representation of 
real bed behavior at higher shear rates and fluidizing velocities. The best agreement 
is confined to non-bubbling, low shear situations. 
Botterill et al. [ 13 ] used a Brookfield ( rotational) viscometer for small-scale 
determination of flow properties which could than be applied to open channel flow of 
fluidized solids. Although a similar range of non-Newtonian flow properties in both 
series of tests was shown, the small-scale tests could not be directly applied to 
predict the deeper, full-scale bed flow. (The comparison will be discussed in the next 
die 
section.) With very much deeper beds, the passage of large bubbles around the 
25 
viscometer rotor gave rise to wild fluctuations in the readings, and therefore the 
experiments were restricted to bed depths of 20 mm. 
A new, Stormer viscometer was designed and McGuigan [ 14] conducted the 
most extensive study of the effects of different parameters on the flow behavior of 
fluidized beds. His aim was to obtain shear diagrams over a range of shear rates as 
wide as possible, in order to assess any non-Newtonian behavior. The results were 
compared to channel flow experiments carried out by himself, but it was not 
expected that they would necessarily have direct quantitative application to fluidized 
transport. 
The principal conclusions reported by McGuigan are as follows: (i) at values 
of Uo/umf = 1.5 to 2.0 the viscosity reaches a minimum value. After this, it may 
increase or remain constant depending on the degree of the homogeneity of the bed; 
(ii) pseudoplastic behavior is observed at lower fluidization velocities. This is 
attributed to the improvement in the quality of fluidization adjacent to the rotor 
surface (Figure 2.8); (iii) the flow becomes substantially Newtonian at fluidization 
velocities above 2umf for the range of shear rates achievable with the viscometer; 
(iv) at a certain shear rate, slip occurs at a vertical surface and tends to a <_:onstant 
value for a particular test, as the shear rate is further increased. The critical shear 
rate does not appear to have a characteristic value for a given material or fluidizing 
conditions; ( v) the viscosity of the bed increases with the density of the fluidized 
particles. Binary mixtures may exhibit lower'. viscosity than that expected by 
,, 
considering the mean density of the components; (vi) the viscosity of the bed 
increases with the mean size of the fluidized particles. Narrow cuts of materials of 
the same mean size display a slightly higher minimum apparent viscosity than wide 
size range materials, and the viscosity remains near its minimum value over a 
26 
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shorter range of fluidization velocities (Figure 2.9); (vii) mixing small dense particles 
with larger lighter ones may improve the bed flow behavior; (viii) the apparent 
viscosity increases with bed depth. This is due to the disturbing influence of the 
larger bubbles present in deeper beds; (ix) up to about a bed depth of 50 mm the 
axial viscosity profile is dependent on the distributor type. This region of dependency 
increases for a perforated plate, but decreases in the case of a porous one; (x) the 
effect of particle shape is difficult to determine independently of other parameters, 
but it seems that it has no large influence on the apparent viscosity; and (xi) small 
changes in temperature don't affect the fluidized bed viscosity. This is contrary to 
the case of viscous liquids. 
Figure 2.10 illustrates these effects on a typical viscosity versus fluidization 
velocity curve. It is unlikely that prediction of viscosity for fluidized beds will be 
possible since it depends upon a much larger number of parameters than that of a 
real fluid. 
2.3.4 Studies of flowing fluidized bed systems 
The first patents on air-assisted gravity conveying appeared by the end of the 19th 
century. Although in many cases this type of dense phase conveying has several 
advantages over conveying in dilute phase, it was not before 1950 that this method 
of transportation of bulk materials found extensive commercial application. However, 
the use of fluidized conveyors is not as widespread at present as might have been 
expected. This is due to the complexity of the study of the fluidized solids flow 
behavior and the lack of information on how to scale up the equipment. 
The first published work on horizontal fluidized channel flow was presented 
by Mori et al. [ 15 ] in 1955. They investigated the flow of sand and alumina in a 
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rectangular channel 85 cm long and 50 mm wide with canvas ('thick' and 'thin') 
used for the distributor. More extensive work was carried out by Siemes and Hellmer 
( 16 ] on fluidized sand in a 2 m long by 150 mm wide channel. They used the liquid 
analogy approach for fluidized flow and attempted to assess the influence of the 
distributor on the flow properties on the basis of friction factor relationships using a 
Newtonian model of the shallow bed behavior. However, from results of viscometric 
studies [ 12 ], it seems unlikely that the flow was fully Newtonian. On the other 
hand, results were also presented showing the reduction of viscosity with increasing 
fluidizing velo,~tty, thus confirming the findings of the viscometric studies. 
The flow of sand down a fluidized gravity conveyor 2.4 m long and 75 mm 
wide was investigated by Muskett et al. [ 17 ]. They observed the effect of the 
superficial air velocity on the mass flow rate of solids. _The possibility of controlling 
the flow of the sand with a baffle inserted in the fluidized channel was shown to be 
successful. 
Woodcock and Mason [ 18,19 ] give an overview of important air conveyor 
design parameters ( and some recommended values) such as: the channel width, the 
inclination of the channel, the air supply and materials to be conveyed. They also 
carried out experiments on a p.v.c. powder in a fluidized channel 6 m long and 100 
mm wide in order to gain understanding of the relationship between the mass flow 
rate, air flow rate, inclination and the bed depth. A pronounced effect of electrostatic 
charging was observed which resulted in reduction of the free-flowing behavior of the 
material and a tendency of the particles to form large loose aglomerates. Analysis of 
the collected data has shown that there is an optimum inclination at which to 
convey the material, and that at any given inclination there is an optimum flow rate 
of fluidizing air to ensure satisfactory conveying. The minimum angle at which bulk 
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. solids can satisfactorily be conveyed is lower for free-flowing materials, being 1 ° or 
less for sand against about 6° for charged p. v .c. 
The flow properties of fluidized solids were studied also by Botterill and co-
workers [ 8, 20 to 23 ]. Experiments were carried out with bauxilite and sand 
fluidized at 1.5 to 4umf in a horizontal close-circuit open channel apparatus of 
overall dimensions 3 m x 1.2 m. The motion of a series of paddles carried on a drive 
belt along one of the straight sections of the channel forced the fluidized solids to 
flow arround the channel. A large amount of solids was required in the bed due to 
the maximum allowable width and depth (up to 25 cm). Because of that 
inconvenience, they made a series of tests in a small viscometer to assess the 
influence of different parameters on the flow behavior of fluidized solids. In spite of 
expectations, when compared with channel flow tests only qualitative similarity to 
non-Newtonian behavior was observed (Figures 2.11 and 2.12). 
The open channel experiments were carried out at relatively low shear rates. 
Initial tests with sand suggested Bingham plastic behavior, especially at low 
fluidizing velocities, and minimum plastic viscosity was observed at a fluidizing 
velocity of about 3umf. Later tests with bauxilite showed a range of behavior from 
Bingham plastic ( only in deep beds) through shear thinning to shear thickening (in 
shallow _beds), suggesting that the bed cross-sectional aspect ratio plays an 
important role in bed flow behavior. 
A non-Newtonian liquid analogy [ 11 ] has been used in an attempt to 
correlate the overall flow behavior of the fluidized solids flowing in the horizontal 
channel as defined by shear curves, with theoretical predictions and experimental 
observations of the velocity profile within the channel under various operating 
conditions. The latter were measured by means of a small turbine element driven by 
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the flowing solids; a method which could give misleading results due to local 
defluidization and obstruction of the flow and possible choking of the turbine. The 
velocity profiles plotted, together with shear stress measurements at vertical walls, 
suggest a change from liquid-like flow to semi-plug flow with slip at the distributor, 
with increasing fluidizing velocity and shear rates. However, no measurements were 
possible closer than 28 mm from the distributor. 
The slip at the distributor can be explained by a presence of a thin air layer 
close to the distributor surface. Only under conditions for which the drag at the 
distributor was of similar magnitude to that at the vertical channel walls, was 
reasonable agreement obtained between velocity profiles predicted by a power law 
model following the approach of Wheeler and Wissler [ 24 ] and the measured ones. 
In order to interprete the flow of the solids by a power law model, the 
approach of Metzner and Reed [ 11 ] was followed. They utilized the expression 
given by equation (2.25) which is the T - i' power law relationship. The shear stress 
is in fact 
T (2.31) 
and the shear rate is 
. 3n' + l 8uav 
1 = 4n' DH (2.32) 
A micromanometer was used to measure ap along the test section of the bed, and 
uav was obtained by timing the passage of a float. 
The hydraulic diameter was redefined to take in account the varying degree 
of slip at the distributor and was given as 
D _ 4wh 
H - (rd/rw)w + 2h (2.33) 
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Values of the power law constants n' and k' were estimated from a linear regression 
analysis of the logarithmic shear curve data. However, these results are limited to 
the test conditions applied, since n' and k' change with the superficial gas velocity 
and the channel aspect ratio. 
Bed depth is a significant factor, because a small increase in bed depth 
results in a large increase of apparent viscosity. This is also in agreement with small 
scale viscometer studies. 
McGuigan and Pugh [ 7 ] also used the non-Newtonian liquid ·analogy 
approach applying the Metzner-Reed model, and showed that the results obtained 
could be correlated with reasonable accuracy to a friction factor/modified Reynolds 
num~ relationship (Figure 2.13). They carried out experiments on sand in an 
inclined fluidized channel 3 m long and 150 mm wide. In order to achieve high shear 
rates, a system of conveyors was added to the channel to allow continuous 
operation. Making use of the generalized Reynolds number Re1, defined by Metzner 
and Reed with equation (2.29), it was shown that all data could be correlated to the 
line: 
r _ 64 
JD - I Re 
where / 0 is the Darcy friction factor. 
While it is obviously of interest, this approach is of limited use because of the 
difficulty of working backwards from the correlation to obtain information on the 
basic design parameters. It has been shown that n' and k' are not constant, but 
must be determined for the required operating conditions. 
At lower fluidizing velocities, the flow was affected by segregation of ~arge 
particles onto the distributor at low shear rates. At higher velocities the flowing bed 
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behaved like a pseudoplastic fluid. The tendency of the flow to become 'more 
viscous' with increasing bed depth found with the viscometer was confirmed by the 
channel flow results. 
No departure from the laminar region of the / 0 vs Re' curve was evident up 
to Reynolds numbers exceeding 4000. (Owen [ 25 ] reported the critical Reynolds 
number for open channel water flow to be 4000). But visual observations indicated 
departure from true laminar flow even at the lowest flow velocities. When the bed is 
flowing rapidly, the bubbles in addition to rising vertically are entrained in the 
horizontal flow. 
There was no evidence of a minimum apparent viscosity of the flowing 
channel, which is contrary to the results McGuigan obtained with viscometer tests. 
No direct comparison of data from viscometer experiments and channel flow are 
possible, because of the sensitivity of the viscometer reading to the position of the 
rotor within the bed and the varying slip at the distributor in the flowing bed 
system [ 23 ] . 
Woodcock and Mason [ 26] claim too much attention has been attached to 
values of Reynolds number calculated as for flowing fluids. Parameters such as 
Reynolds number are only useful if they can yield information on the relationships 
amongst the basic system variables in which the design engineer is interested; in this 
case, the solids mass flow rate, the width and the slope of the channel, the depth of 
the flowing bed and the superficial gas velocity. 
From a momentum balance on an elemental section taken across a steady 
uniform flow in an inclined channel they derived the equation: 
h = WTd 
pgwsina - 2rw (2.34) 
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with the shear stresses T d and Tw expressed as functions of the solids mass flow rate 
and the depth of the flowing bed. 
One model derived from this equation, which appears to give good 
correlation with experimental data for the flow of an aerated p.v.c. powder assumes 
that the shear stress at the vertical wall Tw is constant and the shear stress at the 
channel bottom T d is directly proportional to the average solids velocity Uav. 
This gives 
• m 2 h2 (p gwsina - 2prw )7c 
d 
(2.35) 
where the shear stress/velocity coefficient is given as kd = T d/ uav· The quantities kd 
and Td can be obtained from a plot of m/h2 vs. sina. However, variations of the 
superficial gas velocity are likely to influence the bulk density Pb, shear stresses Tw 
and T d (hence kd) and bed depth greatly, which limits the direct application of this 
model (see ( 23 ]). Also, the assumption of uniform flow ceases to be valid for low 
inclinations and low flow rates of solids. 
The solid particle velocity distributions were measured in detail using an 
optical probe as reported by Ishida et al. [ 27 ] . They observed the flow of glass 
beads, alumina and sand in an inclined channel 954 mm long and 39 mm wide. Five 
types of flow paterns were found depending on the air velocity and the slope of the 
channel. They were: sliding flow, immature sliding flow, splashing flow, bubbling 
flow and gliding flow. 
The rather shallow bed depths studied (~ 1 cm) are not likely to be 
encountered in industrial application, which limits the use of their findings. 
Following a variational analysis approach they derived a shear stress/shear rate 
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equation for non-adhesive particles similar to the Bingham plastic model: 
(2.36) 
where the yield stress kTy and the apparent viscosity kµy are proportional to the 
vertical distance from the free surface y. However, no indication was given on the 
evaluation of kT and kµ, and on their possible dependence on other flow parameters. 
Yet, another approach was made by Singh et al. [ 28 ] to determine the flow 
parameters of fluidized solids. They developed a simple model for flow in open . 
channels, based on laminar flow of a liquid in a pipe. 
From the overall energy balance of an infinitesimal. slice of the homogeneous 
material flowing down an inclined channel, the free surface profile for non-uniform 
flows can be evaluated by integrating the expression: 
where 
and 
dH 
dl 
I 
2kt{3n' + l)n n' . 
--, - Uav + s1no pg n 
1 
2 Uav 
{3gH 
/3 _ (2n' + 1)(5n' + 3) 
- 3(3n' + 1)2 
[ D Jn'+1 C - H 
- 2 
(2.37) 
In the above relations, it is assumed that the rheological behavior of the solids flow 
can be expressed by the power law model given by equation (2.13). It is argued that 
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by minimizing the square of the deviation a given by ·· 
a - 1 
I 
u!v dH + sina + 2k' f 3n' + l]n un' = 0 /3 gH dl pgc[ n' av (2.38) 
the consistency index k' and flow behavior index n' can be determined. The authors 
were able to select values of k' and n' which lie between the range obtained by the 
above method, and attained satisfactory agreement with experimental profiles for 
sand flowing down an aerated channel 9 m long and 150 mm wide. 
The major drawback of this method is that a very small change in the 
variance ~ 2 results in a large alteration of the coefficients k' and n', thus making it 
almost impossible to choose the right values not knowing the free surface profile in 
advance. 
2.3.5 Summary of the flow of fluidized solids 
The preceding sections reviewed various published small scale viscometer studies and 
studies of flowing fluidized bed systems. Many of the earlier authors attempted to 
relate the flow of fluidized solids to that of liquids. The major drawback in 
characterizing the apparent viscosity of fluidized solids is its dependence on a large 
number of parameters, so that general and simple relationships cannot be derived. 
However, most of the work reported from viscometer studies shows similar 
qualitative trends regarding the effects of particle density, particle size, superficial 
gas velocity and bed depth. 
It would be very convenient to characterize the influence of different 
parameters on the flow behavior of fluidized solids using a small scale viscometer, 
rather than carry out experiments in long fluidized channels that require extensive 
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equipment and a large amount of solids. Unfortunately, the attempts to apply the 
results of shear stress vs. shear rate analysis obtained from small scale viscometer 
studies to flowing bed systems have been shown not to be productive. 
The results obtained from flowing1 bed systems are more relevant to the 
industrial application of the flow of fluidized solids than are viscometric studies. 
Again, due to the large number of parameters involved, it is not permissible to make 
any generalization, and the results cannot be extended beyond the range of 
conditions for which the investigation was carried out. 
From the models proposed, it appears that the non-Newtonian liquid analogy 
of the laminar flow of a power-law fluid in a pipe of Metzner and Reed may be the 
most useful in characterizing the flow behavior of flowing fluidized solids in open 
channels. Thus, that treatment will be applied later in the present study to analyze 
the flow of fluidized magnetite powder and compare the results with those of other 
workers. 
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3 Open-channel flowing fluidized bed 
3.1 Introduction 
The main difficulty with the study of the flow of fluidized solids is the large number 
of variables involved, and with some of them (such as particle shape) the lack of a 
precise definition. Therefore, it will never be possible to develop an exact 
mathematical analysis, on a microscopic scale, of the flow of fluidized solids in an 
open channel. However, it appears that the non-Newtonian liquid analogy treatment 
of Botterill et al., and McGuigan, can be used for design purposes as long as their 
limitations regarding accuracy and generality of application are recognised. This is 
due to the fact that other variables, which may or may not be independent of those 
listed above, such as shear stresses at the walls and base of the channel, the bulk 
density and apparent viscosity, all have an influence on the flow behavior of the 
fluidized solids. Other important factors are the bed aspect ratio and type of "· 
distributor. 
It may therefore be preferable to study the flow of specific solids under 
conditions that might be encountered in real situations. The application of 
fluidization to coal cleaning shows good promise, according to preliminary results 
obtained with a cylindrical, batch operated, air fluidized bed. But in order to use the 
process for industrial application, a continuously operating flowing fluidized bed is 
needed. 
A small bench scale version of this bed, 1.3 m long and 100 mm wide, was 
used for initial feasibility testing. Eventually, a large number of coal cleaning tests 
will be performed in order to determine the optimum operating conditions of the 
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coal cleaning process. But before carrying out this optimization, it is necessary to 
investigate if favorable flow characteristics can he achieved in the continuously 
flowing fluidized bed, while operating at fluidization conditions comparable to those 
used with the batch bed. 
So far, no experimental work concerning the flow of fluidized magnetite (iron 
oxide) or coal powder has been reported in literature. In order to gain an insight into 
the mechanism of the flow of these fluidized solids, observation of the depth of the 
flowing bed of particles at different operating conditions is essential. 
' . 
The ohjec_tive of this study was therefore to perform channel flow 
experiments to obtain relevant information on the effects of solids mass flow rate, 
superficial gas velocity, bed inclination, particle size, and channel length on the flow 
behavior of a continuously operating fluidized bed of magnetite. The experimental 
results of this work are of direct relevance for the coal cleaning process in a flowing 
fluidized bed. 
The effect of a defluidized region on the flow behavior of the flowing bed of 
magnetite was also studied. When the 1.3 m long and a separate 1 m long channel 
were joined together, their distributor plates were separated by a 30 mm wide 
Plexiglass strip. This resulted in a zone of defluidized solids in the vicinity of the 
solid Plexiglass strip. 
For the theoretical treatment of the results, the liquid analogy approach and 
~'i, 
the model of Metzner and Reed [ 11 ] were used to characterize the behavior of the 
flowing bed of magnetite. Also, from that information, the Darcy friction factor fo 
and genera~ized Reynolds number Re' were evaluated and compared to the 
,. 
relationship / 0 = Ce/ Re' for laminar flow of non-Newtonian fluids. 
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The specification for the fluidized bed system is given below, and a 
description of its design is presented in the Appendix. 
3.2 Description of the fluidized bed system 
3.2.1 Continuous operation 
It would take a long while to achieve steady flow conditions, i.e. no change in the 
free surface of the flowing bed, under low superficial gas velocities and feed rates of 
solids. Therefore, it is necessary to provide continuous solids flow. Also, in order to 
meet the requirements of processing large amounts of material in the coal cleaning 
industrial application, experimenting with high solids feed rates is needed, which 
would be impossible without continuous operation of the fluidized channel. This was 
accomplished by adding a flat belt conveyor to the channel. The variable belt speed 
allowed experiments over a wide range of solids flow rates. 
3.2.2 Bed material 
For the purpose of reducing the pyritic sulfur content of the coal, magnetite powder 
is used in the coal cleaning process. Thus, it was necessary to investigate the 
characteristics of flow of magnetite powder. 
Coal, after crushing, has a wide particle size range distribution. Thus, when 
the coal particles are fluidized, either segregation or elutriation will occur, depending 
on the superficial gas velocity. To achieve uniform fluidization, the coal powder is 
separated into narrow size fractions which are then matched, according to their 
minimum fluidization velocity, with corresponding magnetite size fractions. Two 
different magnetite size fractions of 139µm and 169µm volume-surface mean 
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diameter were used in the channel flow experiments. The sieve analysis of these size 
fractions is given in Table 3.1, and their properties are given in Table 3.2. The loose 
bulk density, Pbl' was evaluated by weighing the mass of magnetite carefully poured 
in a 10 cm3 · graduated cylinder. The minimum fluidization velocity, umf, was 
obtained from pressure drop measurements carried out in the 150 mm diameter 
cylindrical batch bed. The pressure drop across the bed was plotted against the 
superficial gas velocity and the minimum fluidization velocity was then determined 
from the point where dpb became constant ( as shown in Figure 2.la). The 
minimum bubbling velocity, umb' was taken as the value of the superficial gas 
velocity for which the occurence of the first bubble at the transparent bed wall was 
observed. According to Geldart's powder classification diagram (Figure 2.4), 139 µm 
and 169 µm magnetite fall into Group B materials. 
Magnetite fractions of particle size > 200 µm were found to be difficult to 
fluidize. Over a wide range of superficial gas velocities and independently of the bed 
depth, spouts and jets occurred when the air flow rate was increased to values 
greater than umf. Difficulties arose as well with the fraction of particle size < 44 µm 
due to large bed expansion before bubbling starts. In the case of coal, for the same 
size fraction ( < 44 µm), the whole bed was found to rise as a plug because of large 
interparticle forces. The angular shaped magnetite particles have a density of 5300 
kg/m3 • Magnetite has low susceptibility to electrostatic charging, and because of its 
good electrical conductivity, the static electricity is simply removed by grounding. 
No previous work has been reported on a material of density similar to that 
of magnetite. 
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Table 3.1 Sieve analysis of two magnetite size fractions. 
Mesh# 
+70 
+so 
+100 
+120 
+140 
-140 
Aperture 
[µm] 
+212 
+180 
+150 
+125 
+106 
-106 
• size dm 
[µm] 
230 
195 
164 
137 
115 
89 
-80 +100# 
[% in range] 
46 
27 
8 
6 
13 
-100 +120# 
[% in range] 
34 
25 
15 
26 
Table 3.2 Properties of 139 µm and 169 µm magnetite size fractions. 
Mesh# 
-80 +100 
-100 +120 
dvsm 
[µm] 
169 
139 
1.72 
1.75 
45 
[cm/s] 
3.2 
2.3 
umb Geldart's 
[cm/s] classification 
4.5 B 
3.1 B 
' 0 
fo. 
3.2.3 Bed cross section 
Some effects of channel width on the flow properties of a flowing fluidized bed was 
observed by Botterill and Abdul-Halim [ 23 ]. Consistent with variation in flow and 
consistency indices ( n' and k'), i.e. flow behavior, there was a significant reduction in 
both wall and distributor shear stresses as channel width was reduced from 180 to 
120 mm. Further reduction to 100 mm had a lesser effect. Investigation of different 
widths, in the present study, would certainly give better insight in how to scale up 
the equipment, but it would have also restricted the range of solids feed rates, 
necessitated handling an excessively large amount of solids, and largely increased the 
air flow rate requirements. It would have been difficult to design a unique, simple 
and inexpensive system to cover several bed widths and a broad range of operating 
conditions. Instead, all experiments were limited to a single width of 100 mm in the 
present study. 
This width of 100 mm was thought to be adequate to achieve bed· depths of 
50 to 70 mm, employed in the coal cleaning batch bed experiments, for a wide range 
of solids feed rates with a relatively small and acceptable amount of material. It is 
expected if the channel slope, superficial gas velocity and bed depth are kept 
constant, the solids mass flow rate should be approximately proportional to the 
channel width. Since other workers utilized channels of the same width, it was 
thought that at least some kind of comparison of the results could be possible. 
3.2.4 Inclined fluidized channel 
An existing bed, approximately 1.3 m long, was used for the first stage of the 
experiments, the test section comprising the central 0.5 m. As a result of the 
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relatively short bed length, accelerating flows were established, especially at low ,., 
solids feed rates and superficial gas velocities. These were characterized by a 
significant reduction of the bed depth from the feed end to the discharge end of the 
channel. Other workers observed more uniform flow, i.e.· constant bed depth in 3 m 
long channels and over. 
Because of the desirability of operating with relatively uniform bed depths for 
the coal cleaning application, a 1 m long bed section was added to the previous 
channel for the second stage of experiments. 
Another way of controlling the bed depth was by varying the channel 
inclination. This system was designed to permit experiments with the slope varying 
up to 10 degrees. As will be shown in Section 3.5.3, much smaller inclinations are 
needed to achieve satisfactory flow of solids. 
3.2.5 Distributor material 
As mentioned before, the distributor plays an important role in fluidization. The 
pressure drop through porous plate distributors is usually sufficiently high td provide 
uniform fluidization. When dealing with fine powders, the pores should be small 
enough not to be blocked by the fines. 
A porous material, about 10 mm thick and made of sintered glass beads, was 
chosen for the distributor plate. This was found to have good mechanical properties 
and it enabled even fluidization over the entire bed area. 
3.2.6 Solids feed rate 
It was desired to reproduce the fluidization conditions set up for the coal cleaning 
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tests in the batch bed. A specified batch operating time {from 15 to 60 s) was 
related to the residence time of solids in the fluidized channel. To meet this 
requirement, low solids feed rates would have to be used, but on the other hand 
higher feed rates are expected in industrial applications and thus those were studied 
too. High solids feed rates were also needed to determine if the bubbling 
characteristics depend on solids flow velocity. If so, this might affect the efficiency of 
the coal cleaning process. It was decided to add a conveyor to the existing bed and 
redesign the hoppers to allow for a maximum solids feed rate of 5 kg/s (20 t/h). 
This was sufficient to obtain a range of flow shear rates wide enough to estimate the 
flow consistency index k' and flow behavior index n' of the magnetite. 
3.2. 7 Superficial gas velocity 
The fluidizing velocity is also a very important parameter in the coal cleaning 
process. Studies in the batch bed showed that for different combinations of 
coal/magnetite size fractions it was possible to determine an optimum superficial gas 
velocity Uo, ranging from 1. 7 to 3.9 umf M· Therefore, the superficial gas velocities 
I 
applied in the present experiments varied depending on the size fractions used, and 
reached a maximum value of ""'10 cm/s for the coarser magnetite size fraction. 
3.2.8 Control parameters and instrumentation 
The parameters required to be monitored during the testing with one magnetite size 
fraction were: 
(i) Bed depth 
(ii) Feed rate of solids 
(iii) Superficial gas velocity 
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(iv) Inclination of the bed 
( v) Solids residence time 
The air flow rate, i.e. superficial gas velocity was measured with two 
rotameters mounted on a free-standing instrument panel. The ambient air 
temperature was monitored with a mercury thermometer. 
For the continuous feeding of powder, the most reliable and accurate method 
to control the mass flow rate is by means of a weighfeeder. This device is too large 
to be incorporated in the fluidized bed circuit as shown in Figures A.2 and A.3, and 
it is also rather expensive. It was thought that for the present stage, adequate 
accuracy could be achieved with calibrated flow control devices, since very narrow 
cuts of magnetite were used in the experiments. The slide gate (Figure 3.1) at the 
bottom of the magnetite hopper was employed for that purpose and the calibration 
curves for the two different particle size fractions are shown in Figure 3.2 . 
For the purpose of investigating the effect of channel inclination, the 
inclination of the fluidized channel is changed by increments of 1 °, measured by a 
device consisting of a protractor and a plumb-line. When uniform flow had to be 
maintained for the needs of the theoretical treatment, more precise measurements of 
the channel inclination were required. These were obtained by measuring the vertical 
displacement of a reference point at the discharge end of the channel from a 
horizontal datum line, the channel inclination being then evaluated from tana. 
A Dwyer Instruments, Inc. inclined micromanometer was used to measure the 
portion of the hydrostatic pressure drop across the bed that corresponds to the 
change in bed depth along the test section. Uniform flow, i.e. constant bed depth 
was achieved when the pressure difference between the probes, made of 1 mm 
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"., .... 
diameter metal tubes, inserted at the ends of the test section and in the vicinity of 
the distributor became zero. 
The bed depth was measured at different locations along the fluidized bed by 
taking direct readings from graded scales set at the bed wall (Figure 3.3). The 
average bed depth was evaluated from the three readings over the test section. 
The axial velocity of the flowing bed, referred to as the float velocity later in 
the text, was determined by timing the passage of a float along the channel. The 
" , 
float consists of three tubes connected in a triangle and loaded with magnetite 
powder to keep the device submerged in the bed. The mean flow velocity was also 
calculated from the known mass feed rate and the average bed depth. 
Other more sophisticated measurements such as the wall drag and detailed 
velocity profiles conducted by Botterill and Bessant [ 21 ], were not taken into 
consideration in this study. 
3.3 Theoretical approach 
As mentioned before, it will probably never be possible to develop an exact 
mathematical analysis of the flow of fluidized solids. Therefore, it is more 
appropriate to employ the liquid analogy approach which is more readily applicable 
to real flow situations. This method gives no real insight into the mechanisms of 
flow, but is useful for design purposes as long as the limitations regarding accuracy 
and generality of application are recognised. 
In this study, the Metzner-Reed model [ 11 ] described in Section 2.3.2.1 is 
used to characterize the flow behavior of the flowing bed of magnetite. Their 
approach is based on a power-law model for non-N·ewtonian pipe flow, which .relates 
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• 
the shear rate and the shear stress at the wall as 
4n' Tw = k' I 1 + 3n 
I 
n 
Substituting equation (2.23) into (3.1), we obtain 
where 
. 8uav 
"Ym = D 
du 
- dr· 
I 
n 
w 
(3.1) 
(3.2) 
(3.3) 
is a measure of the shear rate at the pipe wall, while n' and k' are the flow factors. 
The coefficient n' is that physical property of a fluid which characterizes its degree of 
non-Newtonian behavior: the greater the divergence of n' from unity (in either 
direction), the more non-Newtonian is the fluid in question. The coefficient k' defines 
the consistency of a fluid: the larger the value of k' the 'more viscous' the fluid. 
In equation (3.3) the factor '8' is strictly only appropriate to the effect of 
drag at the wall of a tube of circular cross section. Nevertheless, the shapes of the 
shear stress vs. shear rate relationships so obtained illustrate the range of flow 
characteristics of the fluidized solids. Also, the pipe diameter D has to be replaced by 
a characteristic channel dimension and that is the hydraulic diameter DH, defined as: 
D _ 4A 4wh 
H - P - w + 2h (3.4) 
Since separate shear stresses at the channel walls and bottom were reported, 
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Botterill and Abdul-Halim ( 23 ] redefined the hydraulic diameter as is given by 
equation (2.33). However, this definition could not be used in this work since no 
means were provided to measure the shear stress at the bottom and/or walls of the 
channel. 
Considering the channel section shown in Figure 3.4 with a small element of 
dimensions y, dx, and width ~w, the equation of motion for open-channel flow 
becomes: 
or 
_ Pbflgd 9h + vdv P dx g dx 
For a uniform flow, i.e. y1 = y2 , and dx ~ dl, we have 
.filJ - 0 dx -
• dh dh 
-ax~-cfl = Sino 
and with A/ P = DH/4, the wall shear stress becomes 
Now, the mean flow velocity of the flowing bed is evaluated from 
• 
U - m av - h Pbflw av 
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Figure 3.4 Definit,qn.sketch for the equation of motion. 
and the coefficients k' and n' are obtained from the logarithmic plot of Tw vs. 
Suav/ DH. 
The shear stress at the wall is often expressed in terms of the Fanning 
friction factor, /F, or the Darcy friction factor, / 0 . When applied to equation (3.2) 
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they become 
and 
2 
Pb11Uav _ 
2 
, 
k'Bn _ 16 . 
_ __,;.;;;....:_,, --, - ' 
P vn u2-n Re bfl av 
(3.9) 
(3.10) 
Using the relationship /F = 16/ Re' as for Newtonian fluids in laminar flow, the 
generalized Reynolds number is defined 
Re' -
I I 
Dn 2-n Uav Pbfl 
I k'Bn -1 
(3.11) 
Again, the pipe diameter D has to be replaced by DH in expressions for /F, /0 and 
Re'. 
Since the factors 16 and 64 correspond to pipe flow, they have to be replaced 
by an appropriate factor, Ce, for the aspect ratio of the channel. Straub et al. [ 29 ] 
have investigated open-channel flow at low Reynolds numbers and reported values of 
Ce for channels of various geometries. 
In order for the proposed model and approach to be valid for steady flow, the 
following conditions have to be satisfied: the flow is laminar, no slip at the wall 
occurs, and thixotropy and rheopexy are eliminated. 
The relationship between f and Re' given above requires that the flow should 
be laminar. It is obvious that the common definition of true laminar flow cannot be 
applied to any bubbling fluidized bed due to the disturbances of rising bubbles. In 
spite of that, Botterill and Bessant [ 21 ] have measured velocity profiles of fluidized . 
sand in a channel which are similar to those of a non-Newtonian laminar flo-w 
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through a round tube. Therefore, it seems that the global behavior of a flowing bed 
may be considered laminar to a reasonable extent. 
The second assumption of no slip at the channel walls is the most 
questionable because it is difficult to verify. According to Botterill and Bessant, at 
higher superficial gas velocities and solids shear rates, there was negligible velocity 
gradient in the vertical direction, suggesting that there was then negligible drag 
across the distributor, i.e. slip at the distributor probably occured. However, the 
results of the velocity measurements have to be considered with caution due to the 
method employed (a small turbine element) and possible experimental inaccuracies. 
Since, in this study, the flow of magnetite at lower shear rates and superficial gas 
. 
-l 
velocities is observed- (which is of greater importance for the coal cleaning process), it 
can be assumed that slip at the distributor is negligible. In the case of the vertical 
walls, Botterill and Abdul-Halim [ 23 ] have reported that no particle motion was 
observed at the transparent section of the vertical channel wall for flowing ash and 
catalyst which have very different fluidization characteristics. This implies that no 
slip occured at the vertical walls of the channel. 
Neither thixotropic nor rheopectic fluid behavior, that would be reflected in 
change of the bed depth with time ( due to the change of the apparent viscosity with 
time), were observed in this work. 
In spite of the limitations encountered, as will be shown, the Metzner-Reed 
model for non-Newtonian fluid pipe flow appears to correlate the results obtained 
from the measurements of the flowing fluidized magnetite reasonably well. 
Another advantage of the Metzner-Reed model is that it can even be used for 
fluids which follow the Bingham plastic model, providing no extrapolations of data 
to new conditions are done. This is possible because the power-law model and the 
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Bingham plastic model have similar velocity profiles. 
3.4 Experimental procedure 
The purpose of the tests was to develop relationships between the bed depth (the 
dependent variable) and independent parameters such as: mass feed rate of solids, 
superficial gas velocity, channel inclination and particle size. 
The experiments were conducted by starting the belt conveyor, then the 
superficial gas velocity was selected by setting the air flow rate at the desired level, 
and thereafter the mass feed rate was chosen by a corresponding opening of the slide 
gate acting as the discharge valve at the bottom of the hopper. After steady state 
operation was reached, i.e. no change in bed height with time, the bed depth was 
measured at the entrance, in the middle and at the end of the test section, and at 
both ends of the flowing bed (Figure 3.3a). The average bed depth was estimated 
from the three readings over the test section in order to avoid disturbances at entry 
and exit. The residence time of the solids was measured by timing the passage of a 
float along the channel test section. This measurement assumes a flat velocity profile 
over the cross-section of the flowing bed. 
The superficial gas velocity was gradually increased and the above procedure 
was applied at every interval. A series of tests was performed for different channel 
inclinations, and for two different particle size fractions of magnetite. 
A series of tests was also carried out with the extended bed ( original bed 1.3 
m long plus additional 1 m long section) to investigate the influence of channel 
length on the bed depth in comparison with the shorter bed under the same 
operating conditions. The same experimental procedure as described above was 
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adopted, and the bed depth measurement locations are shown in Figure 3.3b. 
In order to apply the Metzner-Reed theory of Section 3.3, a series of 
measurements was performed for the conditions when uniform flow ( constant bed 
depth) over the test section was established. This was possible to achieve by 
adjusting the channel inclination and mass feed rate of the flowing bed. 
3.5 Results 
3.5.1 Introduction 
The presentation of the results of the channel flow tests is divided into three 
categories. The first discusses effects of various parameters on the flow 
characteristics of magnetite. This part is the most relevant one, since it provides a 
database to be directly applied to the coal cleaning process. Therefore, a large 
number of diagrams is included which covers a wide range of operating conditions for 
both magnetite particle size fractions and channel lengths. The second gives a 
characterization of the flow of magnetite according to the theoretical treatment and 
discusses the comparison of measured and calculated results. Finally, the third 
comments upon certain phenomena observed visually during the experimental work. 
It is important to point out that the test conditions: the range of superficial 
gas velocities from 1.6 to 3.3umf, and the range of mass feed rates from 0.1 to 3 
kg/s, · were chosen to comply with conditions to be employed in the coal cleaning 
process. Therefore, the flow behavior observed is strictly appropriate to those 
experimental conditions. 
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3.5.2 Effect of mass feed rate of solids 
For the 169 µm magnetite, the mass feed rate was changed from 0.11 to 2.93 kg/s 
by nine intervals, and for the 139 µm magnetite from 0.12 to 3.17 kg/s. A linear 
increase of the average bed depth with mass feed rate has generally been displayed in 
the case of the 169 µm magnetite flowing in the 1.3 m long channel. This behavior 
was observed for a wide range of conditions: superficial gas velocities 1.8 to 3umf and 
channel inclinations from 0° to 3° (Figures 3.5 to 3.9). Only at mass feed rates from 
0.1 to 0.5 kg/s, fluidizing velocities from 6 to 7 cm/s, and channel inclinations from 
2° to 3°, were departures from linear relationships noticed. From the Figures 3.5 to 
3.9, it can be seen that for certain conditions a sudden decrease of the bed depth 
occured as the mass feed rate was increased. This is due to the transition in the flow 
regime of the flowing magnetite. Prior to the 'jump' that appears on the diagrams, 
relatively slow plug to semi-plug flow was observed, while after it rapid flow took 
place. 
In the case of the 139µm magnetite, generally the same trends were present 
(Figures 3.10 to 3.14). There was only a slight deviation from the linear relationship 
between the average bed depth and mass feed rate at lower fluidizing velocities (5 to 
6 cm/s) and channel inclinations (-1 ° to 0°). A mild slope of the lines at higher 
channel inclinations ( 1 ° to 2°) clearly indicates a very small rate of change of bed 
depth with mass feed rate. 
3.5.3 Effect of channel inclination 
It was intended to investigate the influence of the change of channel inclination over 
a wide range of slopes. Soon it was realized that a very little change of the 
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inclination of the channel had a pronounced effect on the overall bed depth, with a 
small increase in channel inclination causing a relatively large reduction in bed 
depth. 
For the 169 µm magnetite, the channel inclination was changed from 0° to 3° 
by 1 ° increments. Over that range, the average bed depth was reduced by a factor of 
8 at rh = 0.11 kg/s to a factor of 5 at m = 1.95 kg/s, for Uo = 6 emfs (l.9umf ). At 
a superficial gas velocity of Uo = 7 emfs (2.2umf ), the average bed depth was 
reduced by a factor of 16 at rh = 0.11 kg/s· (and remained approximately constant 
over the range tto = 7 to 10 cm/s), to a factor of 3.8 at rh = 1.95 kgf s (with a linear 
decrease over the same range of tto). This is illustrated in Figures 3.15 to 3.19. 
Again, the sudden change in the average bed depth is the indication of 
transition between slow plug flow and rapid flow. At higher superficial gas velocities 
and mass feed rates (Figures 3.18 and 3.19), transition occured at channel 
inclinations lower than 1 °. A further increase in channel inclination has almost no 
effect on the average bed depth. In general, it can be noticed that for channel 
inclinations exceeding 2°, over the range of superficial gas velocities from 1.9 to 
3.1 umf, no change in the bed depth occured and the flowing bed became very 
shallow. 
In the case of the 139 µm magnetite, similar trends of the effect of channel 
inclination on bed depth were observed, except that the flowing bed became very 
shallow at an even lower channel inclination. In order to maintain a significant bed 
depth ( ,-.J 50 -mm), a negative channel inclination was required ( a = -1 °). Over the 
range of channel inclinations from -1° to 2°, the average bed depth was reduced by a 
factor of 6 at m = 0.12 kg/s to a factor of 4.2 at m = 2.03 kg/s, for tto = 4 cmf s 
(1. 7umf ). At Uo = 5 cm/s (2.2umf ), the average bed depth was reduced by a factor 
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j 
of 10 at m = 0.12 kg/s (and remained approximately constant over the range Uo = 
5 to 8 cm/s) to a factor of 4.4 at m = 2.03 kg/s (and remained approximately 
constant over the same range of tJo). This is illustrated in Figures 3.20 to 3.24. 
3.5.4 Effect of superficial gas velocity 
The superficial gas velocity is a very important parameter in fluidization, and it was 
noticed that it has a strong effect on the behavior of the flowing bed, bed depth and 
the performance of the coal cleaning process. 
For the 169 µm magnetite, the superficial gas velocity was changed from 5.7 
to 10.5 cm/s (1.6 to 3e3umf ). It was observed that at velocities less than l.5umf, 
channel overflow occured and the flow of the fluidized bed could not be established. 
Probably, for higher channel inclinations the bed would flow, but in the same time it 
would be very shallow (because of the pronounced effect of channel inclination on the 
bed depth). 
At lower channel inclinations from 0° to 1 °, the average bed depth decreased 
gradually over the whole range of mass feed rates (0.11 to 2.93 kg/s), for the range 
of velocities form 1.6 to 3.3umf· This is illustrated in Figures 3.25 and 3.26. 
However, at a certain mass feed rate, an increase of the superficial gas velocity 
would cause a sudden decrease of the bed depth (Figure 3.26). At this point a 
change in the character of the flow occurs and transition from slow plug flow to 
rapid flow takes place. In terms of the solids residence time, which is an important 
parameter in the coal cleaning process, this means that the particles reside for a 
much shorter period of time in the channel. Once that rapid flow is established, 
further increase of the superficial gas velocity has little effect on the bed depth, 
which remains almost constant. At high superficial gas velocities, vigorous bubbling 
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occurs and the free surface of the flowing bed becomes very rough (Figures 3.27 to 
3.33). 
In the case of the 139µm magnetite the superficial gas velocity was changed 
from 3.4 to 8 cm/s (1.5 to 3.5umf ). Again, the same trends were present in the effect 
of the fluidizing velocity on bed depth. At lower channel inclinations, there is a slight 
difference in the shape of the 'knee' type curves (Figures 3.34, 3.35 and 3.25) in that 
the knee is more pronounced. For channel inclinations from 1 ° to 2° the bed becomes 
very shallow even at superficial gas velocities as low as 3.5 to 4 cm/s (1.6 to 
1. 75umf ). This is illustrated in Figures 3.36 to 3.42. 
3.5.5 Effect of particle size 
Comparing the values of average bed depth for 169 µm and 139 µm magnetite, for 
the same operating conditions ( tto, a and rh ), it can be seen from Figures 3.25 to 
3.27 and Figures 3.35 to 3.37 that the average bed depths for 139 µm magnetite are 
lower than for 169 µm magnetite. The difference in bed depth is larger in the range 
of superficial gas velocities from 1.5 to 2umf and is gradually reduced for higher 
velocities. 
This behavior can be explained in view of a difference in apparent viscosities 
of the two magnetite fractions. According to the work carried out by McGuigan [14], 
the viscosity of the bed decreases as the mean size of the particles decreases. In the 
case of 139 µm magnetite the lower value of the apparent viscosity is reflected in a 
smoother, less 'viscous' flow, thus reducing the height of the free surface of the bed. 
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3.5.6 Effect of channel length 
Observations of the flowing fluidized bed of magnetite in the 1.3 m long channel 
showed that steady accelerated flows, characterized by a gradual d.ecrease of the bed 
depth from the feed end to the discharge end, prevailed over the range of operating 
conditions { tto/umf = 1.5 to 3.5; m = 0.1 to 3 kg/s; a = -1 ° to 1 °) employed in the 
tests. Only at a channel inclination of 2° ( also at 1 ° and high n1a.ss feed rates) was 
uniform rapid flow, characterized by a constant bed depth over the length of the 
channel, observed in the 1.3 m long channel (Fig.ures 3.43 to 3.48) . 
. When the 1 m long section was added to the 1.3 m long channel, a significant 
increase of the height of the bed free surface was observed over the same range of 
operating conditions. At the junction of the two beds, a defluidized region was 
formed due to the redesigned discharge end of the 1.3 m long channel. There was 
visual evidence that the 30 mm wide Plexigla.ss strip had a significant influence on 
the flow characteristics of the flowing bed. The effect of the defluidized region is 
reported in Section 3.5. 7. 
The flowing bed became more uniform, i.e. the change of bed depth with 
axial distance was reduced in the 2.3 m long channel (which can partly be due to the 
defluidized region), especially at higher superficial gas velocities from 2.5 to 3umf 
(Figures 3.49 to 3.51 ). 
When slow plug flow ( characterized by a flat horizontal velocity profile) to 
semi-plug flow (where a horizontal velocity gradient is present near the channel 
walls, while the central region of the flow has a constant velocity) was noticed, at a 
channel inclination of 0° and superficial gas velocities from 2.1 to 3.3umf, the average 
bed depth hav was increased by a factor of 2 for m = 0.12 kg/s to a factor of 1.5 for 
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channel. 
m = 2.03 kg/s compared with the 1.3 m long channel. At a channel inclination of 1 ° 
and a superficial gas velocity of 2.1 umf, the average bed depth was increased by a 
factor of 3 for m = 0.12 kg/s to a factor of 2 for rh = 2.03 kg/s. A change of the 
average bed depth by a factor of 2 represents a linear increase with distance from 
the, discharge end of the channel, applying triangle similarity to the definition of the 
~ --· 
average bed depth for the 1.3 m and 2.3 m long channels. 
In the case when rapid flow was established (for which no visual observation 
of the shape of the velocity profile was possible), at a channel inclination of 2° and a 
superficial gas velocity of 3umf' the flow became uniform and no change in bed depth 
with axial distance ( except for the effect of the de-fluidized region) was observed. 
This is illustrated in Figures 3.52 to 3.54. 
The behavior of the flowing bed in the 2.3 m long channel displayed the same 
trends concerning the effects of the mass feed rate, channel inclination and superficial 
gas velocity ( except for the disturbances caused by the de-fluidized region) as in the 
1.3 m long channel. The change of the average bed depth with :rh, o and Uo is shown 
in Figures 3.55 to 3.58. 
3.5. 7 Effect of the defluidized region 
As mentioned in the previous section, a de-fluidized region 30 mm wide was present 
at the junction of the channels. It was observed that a jump or standing wave was 
formed over that de-fluidized region for a wide range of operating conditions (Figures 
.I/ 
'-:( 
3.52 to 3.54; 3.59 to 3.61 ). Only at high channel inclination, superficial gas velocity 
and mass feed rate was it possible to overcome the resistance to the flow exerted by 
the Plexiglass strip and establish uniform flow over the entire length of the 2.3 m 
channel (Figure 3.54; Uo = 6.9 cm/s). 
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For the horizontal channel ( o = 0°) and when plug to semi-plug flow is 
established, the influence of the defluidized region is not so pronounced, the jump is 
relatively small and is reduced even more by increasing the superficial gas velocity 
(Figures 3.49 to 3.51 ). 
Increasing the channel inclination ( o = 1 °) the flow becomes uniform, i.e. no 
change of bed depth with axial distance is present, with a deeper bed formed in the 
1.3 m long channel, followed (after the jump) by a shallower one in the 1 m long 
section. Further increase of the channel inclination ( o = 2°) reduces the bed depth, 
except at the vicinity of the defluidized region where the jump remains large, 
transition in the flow occurs and rapid flow takes place. In the 1.3 m long channel 
decele~ating flow (gradually increasing bed depth) is established, while after the 
'\ 
. \, 
junip t'~e flow remains uniform. At an even larger channel inclination ( o = 3°), the 
' 
flow in the 1.3 m long channel becomes uniform and very rapid, up to the point 
where a hydraulic jump is formed, resulting in an increase of the bed depth~ After 
the defluidized region, a sudden decrease of the bed depth takes place and the flow 
remains rapid, shallow and uniform up to the discharge end of the 2.3 m long 
channel (Figures 3.59 to 3.61 ). 
It is important to notice that the aspect of the defluidized region in 
maintaining a larger bed depth over the 1.3 m long channel, due t~ 'the increase in 
flow· resistance, may be useful for the concept of the coal cleaning process. 
3.5.8 Correlation of experimental data 
The test results and visual observations clearly ·showed that in the 1.3 m long 
channel, uniform flow can be established only at high channel inclinations and 
superficial gas velocities. These conditions are of no particular interest for the coal 
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cleaning process, since the residence time of the particles in the channel is very short 
( only a few seconds), and the bed is very shallow ( only a few millimeters). 
It was not possible to establish true uniform flow, over the entire length, in 
the 2.3 m long channel due to the disturbance caused by the defluidized region. 
Nevertheless, under some operating conditions, it was possible to observe uniform 
flows over the 75 cm long test section located in the 1.3 m section {Figure 3.3b ). The 
test section was situated in the 1.3 m long channel to avoid the defluidized region. 
For those operating conditions the theory of Section 3.3 can be applied, and the 
results are presented in Table 3.3. A sample calculation is given below. 
Operating conditions: 
Channel inclination o = 0.15 ° 
Bed depth h = 0.055 m 
Mass feed rate m = 0.12 kg/s 
Superficial gas velocity Uo = 0.053 m/s 
(For Uo = 5.3 cm/s, the fluidized bulk density is determined from Figure 3.69.) 
Fluidized bulk density . 3 Pbfl = 1624 kg/m 
The hydraulic diameter is calculated according to equation (3.4) for the channel 
width w = O.l m. 
D _ 4wh _ 4x0.lx0.055 _ o 105 m 
H - w +2h - O.l + 2x0.055 - . 
The mean flow velocity is evaluated from equation {3.8): 
~· - m - 0-12 - 0 014 m/s 
uav - Pbflwhav - 1624x0.lx0.055 - · 
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Table 3.3 Results of the Metzner-Reed theory applied to the flow of 139 µm 
magnetite in the 2.3 m long channel. 
• m Uav 
[deg.] [kgf s] [mfs] [Pa] 
Uo = 5.3 cmf s; Pbfl = 1624 kgf m3 ; h = 55 mm 
0.15 0.12 0.014 1.10 
0.28 0.30 0.033 2.06 
0.46 0.53 0.059 3.38 
' 
0.72 0.85 0.094 5.28 
0.94 1.18 0.130 6.90 
1.13 1.58 0.174 8.29 
1.28 2.03 0.223 9.39 
1.48 2.58 0.284 10.86 
Uo = 5.3 cmf s; Pbfl = 1600 kgf m 3 ; h = 40 mm 
1.20 
1.43 
1.66 
1.89 
2.17 
0.30 
0.53 
0.85 
1.18: 
1.58 
0.046 
0.082 
0.131 
0.182 
0.243 
7.35 
8.76 
10.17 
11.58 
13.26 
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1.03 
2.50 
4.45 
7.12 
9.85 
13.19 
16.91 
21.52 
4.12 
7.33 
11.73 
16.22 
21.72 
fo 
[-] 
29.76 
9.24 
4.81 
2.95 
2.01 
1.35 
0.93 
0.66 
17.30 
6.52 
2.95 
1.76 
1.12 
Re' 
[-] 
2.2 
6.5 
13.1 
23.2 
34.5 
49.3 
66.7 
89.6 
3.8 
9.7 
21.1 
36.1 
58.4 
\ 
I 
Table 3.3 (continued) Results of the Metzner-Reed theory applied to the flow of 
139 µm magnetite in the 2.3 m long channel. 
• m Uav T 
[deg.] [kg/s] [m/s] (Pa] 
Uo = 6.1 cm/s; Pbfl = 1565 kg/m3 ; h = 40 mm 
0.41 0.12 0.019 2.46 
0.55 0.30 0.047 3.30 
0.68 \;~, 0.53 0.084 4.08 
0.86 0.85 0.134 5.15 
1.02 1.18 0.186 6.11 
1.23 1.58 0.248 7.37 
Uo = 6.9 cm/s; Pbfl = 1513 kg/m3 ; h = 40 mm 
0.11 0.12 0.020 0.64 
0.21 0.30 0.049 1.22 
0.30 0.53 0.087 1.74 
0.45 0.85 0.139 2.61 
0.64 1.18 0.192 3.71 
0.83 1.58 0.257 4.81 
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• 
1.73 
4.22 
7.50 
11.99 
16.58 ,. 
22.21 
1.74 
4.36 
7.75 
12.40 
17.15 
22.97 
fo 
[-] 
33.70 
7.56 
2.96 
1.47 
0.91 
0.61 
f ( 
8.86 
2.70 
1.22 
0.72 
0.53 
0.39 
Re' 
[-l 
2.0 
8.2 
20.3 
42.5 
70.8 
112.1 
7.6 
23.5 
47.3 
84.0 
124.9 
178.4 
The shear stress at the wall is obtained from equation (3.7): 
Substituting the pipe diameter D by the hydraulic diameter DH, the measure of the 
shear rate at the wall is then: 
. _8uav _ Sx0.014 _ l.Oa 8-1 1'm - DH - 0.105 
This procedure is repeated for every combination of er and m. 
The results from Table 3.3 are plotted to obtain shear stress vs. shear rate 
diagrams. For a bed depth of 40 mm it appears that the flowing bed of 139 µm 
magnetite displays Bingham plastic behavior over a range of superficial gas velocities 
from 2.3 to 3umf, so that the data are fitted to a straight line (Figure 3.62). This 
kind of behavior seems to be in agreement with the visual observations where 
'pulsations' of the flowing bed were reported at very low mass feed rates ( ""0.1 
kg/s).The pulsations were manifested as accumulation of magnetite in the channel 
for a certain period of time ( accompanied by an increase of bed depth), followed by 
flow of magnetite (till the bed depth would attain the previous value). This 
phenomenon can be explained by virtue of a yield shear stress that has to be 
exceeded in order to establish the flow. It is important to notice that even if the 
defluidized region might have contributed to this effect, it is certainly not the cause 
of the pulsations, since they were observed in the 1.3 m long channel where no 
obstruction to the flow was present over the entire length of the channel. 
It was also observed that increasing the superficial gas velocity, the 
pulsations became 'shorter', i.e. the change of bed depth and the period of pulsations 
were reduced. This is in agreement with the trend displayed in Figure 3.62, where at 
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higher superficial gas velocities the yield shear stress has lower values. The yield 
stress Ty and the plastic viscosity µp are obtained from linear regression of the data. 
For the 139 µm magnetit~ at 40 mm bed depth and over the range of superficial gas 
velocities form 2.3 to 3umf' the yield stress Ty decreases from 6.2 to 0.28 Pa, and the 
plastic viscosity µp decreases from 0.33 to 0.20 Pa·s. It has to be noticed that these 
values should be considered only qualitatively since they were obtained by 
extrapolation and were not verified experimentally. 
Botterill and van der Kolk [ 8 ] suggested that this decrease in plastic 
viscosity can be due to the fact that as the superficial gas velocity through the bed is 
increased, at least some of the air is passing not as bubbles but through the dense 
phase, thus increasing interparticle spacing and acting as a lubricant. This concept 
was also used for the explanation of the pseudoplastic behavior of the flow of 
fluidized solids. As the shear rate is increased, at least some of the bubbles are 
carried with the flow, disrupted and again the air is passing through the dense phase 
thus reducing the apparent viscosity of the bed. Botterill and Abdul-Halim ( 23 ] 
reported that in their channel flow experiments with 77 µm catalyst, which displayed 
pseudoplastic behavior, there was strong evidence that the rising chains of bubbles 
were influenced by the bulk flow. These had developed a large horizontal component 
of velocity by the time they had risen to near the surface. However, in the case of 
the flowing ash, which displayed dilatant behavior, the bubble chains visible through 
the transparent channel wall rose vertically regardless of the flow velocity of the bed 
through the channel, up to the highest circulation rates tested ( ......,0.4 m/s). 
In the case of the the thicker bed (h = 55 mm), the flowing bed appears to 
behave as a pseudoplastic fluid (Figure 3.62). Indee9, the visual observations confirm 
that even at very low mass feed rates, i.e. shear rates, continuous flow was 
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established and no pulsations were noticed. This case is more relevant from the 
standpoint of the coal cleaning process, due to the larger bed depths required. 
The flow and consistency coeffi~ients ( n'· and k') were obtained from the 
logarithmic plot of shear stress vs. shear rate (Figure 3.63) by linear regression of 
the data. The relationship between Tw and i'm is given as: 
L. 
(3.12) 
The slope ( n') and rw - intercept (logk') of the least squares line are calculated using 
equations: 
ndpExy - ExEy 
n' - -------
- ndpEx2 -(Ex)2 (3.13) 
and 
. 2 
l k' EyEx - ExExy og - ----~~~~~~ 
- ndpEx2 - (Ex)2 (3.14) 
where 
x = logi'm and y = logrw 
are the coordinates, and ndp is the number of data points. 
Thus, for the operating conditions given before, the corresponding values of 
the flow and consistency coefficients are n' = 0. 78 and k' = 1.073. 
Due to the generality of application, the power-law model can be used to 
correlate the flow data when Bingham plastic behavior was displayed. The above 
procedure is repeated for the logarithmic plots in Figures 3.64 and 3.65, and the 
values of n' and k' are given in Table 3.4. 
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Table 3.4 
magnetite. 
h 
[mm] 
55 
40 
40 
40 
Flow and consistency coefficients for the flowing bed of 139 µm 
Uo 
[cm/s] 
5.3 
5.3 
6.1 
6.9 
2.3 
2.3 
2.65 
3.0 
n' 
[-] 
0.78 
0.35 
0.425 
0.78 
k' 
I [kg/m •s2-n] 
1.073 
4.405 
1.845 
0.390 
For the 40 mm bed depth, the increase of the flow index n' from 0.35 to 0. 78 
clearly indicates a tendency for the flow to shift towards Newtonian behavior at high 
superficial gas velocities. This is in agreement with the trend illustrated in Figure 
3.62. The values of the consistency factor k' can be compared only for a common 
value of n' and the same bed depth, when trends in flow behavior are to be 
examined. Thus, no conclusion can be made regarding the consistency of the flow. 
Botterill and Bessant [ 21 ] reported similar non-Newtonian characteristics for 
flowing dune sand with a tendency of change from Bingham plastic toward 
Newtonian behavior depending on the fluidization conditions. 
Following the generalized Reynolds number approach of Metzner and Reed 
presented in Section 3.3, the test results obtained for uniform flow at 40 mm and 55 
mm bed depths were correlated and compared with the relationship for laminar flow. 
The Darcy friction factor and generalized Reynolds number are evaluated from 
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fJ 
, 
equations (3.10) and (3.11): 
and 
. Re' 
lo= 2 
Pb11Uav 
2 
4xl.10 = 29.76 
1624x0.0142 " 
2 
, n' 2-n' 
__ D.....;.H_u_a_v __ Pb;;;;...;.11..;._ _ 0.105x0.0142-0·78 x1624 _ 2 2 k'8n'-l - 1.073x8°·18- 1 - . 
This procedure is, again, repeated for all the sets of a and rh. An appropriate value 
for Ce in the equation / 0 = Ce/ Re' was chosen for each channel aspect ratio from 
the work of Straub et al. [ 29 ]. For the 40 mm bed depth, the corresponding value 
of Ce is 59, and for the 55 mui bed depth, Ce is 58. The results of the calculation 
given above are plotted against the line 58/ Re' as shown in Figure 3.66. The fo and 
Re' values obtained for the 40 mm bed depth and operating conditions as of Table 
3.3 are plotted against the line 59 / Re' as' shown in Figure 3.67. From these figures, 
it can be seen that ~atisfactory correlation of the data was obtained, with a 
maximum deviation of 19% for the 55 mm bed depth and 16% for the 40 mmq bed 
depth. Thus, it can be noticed that the relationship / = Ce/ Re' describes the open-
channel flow of fluidized solids reasonably well over the range of Reynolds numbers 
corresponding to what would be considered as laminar flow in the case of real fluids. 
Similarly close agreement was reported by Botterill and van der Kolk [ 8 ], and later 
on by McGuigan [ 14 ]. 
( 
·1 
J 
3.5.9 Comparison of float velocity and mean flow velocity 
The float velocity of the flowing bed was evaluated by timing the passage of a float 
over the test section of the channel. Also, the mean flow velocity was calculated 
from the known mass feed rate and average bed depth, according to equation (3.8). 
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Figure 3.66 Darcy friction factor vs. generalized Reynolds number for 139 µm 
magnetite at 2.3umf and 55 mm bed depth. 
137 
N 
0 
..... 
(_ ... 
oO 
+> ....... 
0 
C 
<+-
c 
0 
• .J 
+> 
0 
• ..J 
L 
<+-
~ 
L~ 
C 
Cl 
... 
I 
0 fo = 59, Re 
o...._ _______________ .._---....-~....-................. 
....... 
10° 101 
GeneraLLzed 
102 
Re~noLds number 
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But to evaluate the velocity from the above parameters, it is also necessary to know 
the 'fluidized bulk density', Pbfl' of the bed under test conditions. This information 
was provided from measurements in the small 150 mm diameter batch fluidized bed. 
The change of bed depth (i.e. bed expansion) with superficial gas velocity was 
recorded for two different packed bed depths: 35 mm and 70 mm as shown in Table 
3.5. The fluidized bulk density was evaluated using the expression: 
Pbfl = 
m 
~11" 
4 h 
(3.15) 
where m is the mass of the particles in the bed, Db is the diameter of the cylindrical 
bed and h is the depth in the fluidized state. The relationship between density and 
superficial gas velocity was then obtained by plotting the data for the 169 µm and 
139 µm magnetite as shown in Figures 3.68 and 3.69. 
An inherent assumption in the use of these relationships is that the density of 
the fluidized bed is the same in the small batch bed as in the flowing bed. This is 
thought to be approximately true, but it is recognized that cha~es in bed density 
' 
may occur at high shear rates, due to the effects of axial flow of solids on the bubble 
characteristics. 
Data from 75 measurements were used to compare the mean flow velocity 
calculations with the float velocity results. In the range of velocities up to ,....,,Q.1 m/s, 
very good agreement was obtained between the two velocities. The maximum 
deviation is less than 5% (Figure 3. 70). This region represents what was visually 
observed as slow plug flow, i.e. a flat velocity profile over the cross-section of the 
flowing bed is assumed. Actually, this range of velocities, obtained for mass feed 
rates from 0.2 to 1 kg/s, is of greater importance for the coal cleaning process since 
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Table 3.5 Variation of bed depth with superficial gas 
velocity for 139 µm and 169 µm magnetite in 150 mm 
diameter batch bed of 35 and 70 mm packed bed heights. 
Uo 
[cm/s] 
169 µm magnetite 
0. 
4.7 
6.0 
7.0 
8.7 
9.9 
11.3 
139 µm magnetite 
0. 
3.5 
4.7 
6.0 
7.0 
8.7 
10.0 
35 
40 
43 
46 
48 
49 
50 
35 
38 
40 
42.5 
45 
46.5 
48 
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h 
[mm] 
70 
75 
78 
82 
85 
87 
89 
70 
74 
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87 
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91 
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Figure 3.68 Fluidized bulk density vs. superficial gas velocity for 169 µm magnetite: 
D 35 mm packed bed depth; o 70 mm packed bed depth in 150 mm diameter bed. 
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larger bed depths and longer residence times of particles were achieved. 
It can be noticed that not only the assumption of a flat velocity profile seems 
reasonable, but also that the calibrated slide gate used for the control of the mass 
feed rate of solids is justified. The use of the fluidized bulk density concept for the 
flowing bed is justified as well. 
At higher velocities, between 0.3 and 0.4 m/s, there is a scatter of data, with 
a deviation from 10 to 20%. There are two possible explanations for the values of 
float velocities being higher than the mean flow ones. In this range of velocities, the 
experimental error, when timing the passage of the float, is increased due to the 
significantly lower particle residence times, typically under 3 seconds. Also, due to 
the size of the float and shallowness of the flowing bed, typically between 25 and 30 
mm; the float was placed in the ,surface layer, thus actually measuring the surface 
velocity rather than the bulk velocity. In that case, the difference between the float 
and mean flow velocities could be an indication of a velocity gradient in the vertical 
direction of the channel. It was visually observed that at higher velocities the 
horizontal velocity profile has a shape that corresponds to semi-plug flow which is a 
confirmation that at least some change in the velocity field of the flowing bed is 
present thus contradicting the assumption of a flat velocity profile. 
No float velocity measurements were possible for the rapid, uniform flow due 
to the low bed depths, typically from 3 to 20 mm, and very short particle residence 
times. The calculated mean flow velocities have values up to 1 m/s, which 
corresponds to residence times as low as 0.5 second. Nevertheless, this range of 
velocities is of no interest for the coal cleaning process. 
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3.5.10 Visually observed phenomena 
At very low mass feed rates ( ""'0.1 kg/s ), i.e. low shear rates ( defined by equation 
(2.23)) and a superficial gas velocity of 2.3umf , the occurence of 'pulsations' in the 
flow was observed for the 139 µm magnetite in the 2.3 m long channel. The 
pulsations were manifested as accumulation of magnetite in the channel for a certain 
period of time (accompanied by an increase of bed depth), followed by sudden flow 
of magnetite ( until the bed depth attained the previous level). This phenomenon can 
be related to the Bingham plastic behavior of the flowing bed, described in Section 
3.5.8, in that a yield shear stress has to be exceeded for the bed to flow. Once the 
bed starts flowing, the bed depth decreases and the flow accelerates. Since the bed 
viscosity is also decreasing with reduction of the bed depth [ 21 ], the flow is 
accelerating even more. The result of this coupled effect is that more magnetite is 
discharged from the channel than is fed in. When the magnetite starts accumulating 
again, the flow resistance is increasing with bed depth. The bed thickness continues 
to increase to the point where the yield stress is exceeded and the cycle is then 
repeated again. 
It is important to point out that pulsations cannot be solely due to the 
presence of the defluidized region in the flow, because pulsations were observed for 
both 139 µm and 169 µm magnetites in the 1.3 m long channel at low mass feed 
rates, as well. However, it is obvious that the defluidized · region introduced 
additional resistance to the flow which was manifested in the formation of a sudden 
jump (decrease in bed depth) between the free surfaces of the two sections of the 
channel. 
With an increase in the superficial gas velocity, the viscosity of the bed 
decreased, the bed depth was reduced and the amplitude and period of pulsations 
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were also reduced. A further increase of superficial gas velocity leads to vigorous 
bubbling and a steady, continuous flow of the bed. The effect of fluidizing velocity 
on the bed viscosity could therefore be the reason why at lower values of the former, 
. ~ 
steeper slopes of the free surface are established than at higher values, resulting in 
accelerating flows (Figures 3.55 to 3.57). 
At mean flow velocities up to ""0.3 m/s and at lower superficial gas 
velocities, plug flow is observed with a shift toward semi-plug flow at higher flow 
velocities. This is characterized by a region of high velocity gradient formed near the 
walls of the channel, while the center of the flow is moving at constant velocity. This 
is, clearly, an indication of the presence of a 'boundary layer' in which the majority 
,_ 
of the horizontal velocity gradient is developed. The evidence of the wall effect was 
also demonstrated by preferential bubbling at the walls, especially at lower 
superficial gas velocities. At lower bed depths, near the discharge end of the channel, 
bubbling would again be established in the center of the bed. This is an indication of 
bubble suppression induced by the depth of the flowing bed. With an increase in the 
superficial gas velocity, the bubbles erupting from the surface are becoming larger, 
the surface becomes rougher and the flow very vigorous, and more uniform. 
Eventually, at certain mass feed rates ( over 1 kg/s ), an increase of the 
superficial gas velocity ( around 2. 7 to 3umf) was found to trigger a transition in the 
flow regime. A hydraulic jump formed at the feed end of the channel. This travelled 
toward the discharge end where it was swept away from the channel. The flow is 
becoming instable because of a decrease in apparent viscosity of the bed (in the pre-
jump region) due to the reduction of the bed depth. The resistance of the flow is 
reduced and the momentum flux of the particles, as they are discharged from the 
hopper, is not in balance with · the retarding shear force at the walls ( of the post-
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jump region) anymore. The flow becomes rapid (with mean flow velocities up to 1 
m/s), uniform and vigorous bubbling is present. 
(I, 
,,.;Y' 
The formation of the hydraulic jump was observed in both the 1.3 m long 
and 2.3 m long channels and with both 169 µm and 139 µm magnetite, except that 
in the longer channel it was possible to make the hydraulic jump stationary due to 
the increased flow resistance exerted by the defluidized region. Only at mass feed 
rates over 2 kg{s and a superficial gas velocity of 3umf, the resistance of the 
defluidized region would be overcome, the hydraulic jump swept away, and rapid 
uniform flow established. 
The same flow characteristics involving the occurence of a 'boundary layer' 
at the channel walls, bubble suppression in the center of the channel and formation 
of hydraulic jumps were reported by McGuigan [ 14 ], who investigated fluidized 
sand flow in a 3 m long and 150 mm wide channel. 
3.6 Conclusions 
The principle conclusions from the channel flow study are as follows: 
(i) 
rate has 
A near-linear to linear increase of the average bed depth with the mass feed 
generally been ~ayed by both 139 µm and 169 µm magnetite. This 
behavior was observed for a wide range of fluidization conditions: superficial gas 
velocities from 1.8 to 3.5umf, channel inclinations from -1 ° to 3° and mass feed rates 
from 0.1 to 3 kg/s. 
(ii) Channel inclination has a strong effect on the depth of the flowing bed. A 
significant reduction of the bed depth occurs when the inclination of the channel is 
I 
changed from 0° to 2°. Further increase of channel inclination results in a very little 
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reduction of the bed depth. 
(iii) Superficial gas velocity also has a pronounced effect on the bed depth and 
shape of the free surface profile. Below velocities of 1.5umf no flow could be 
established and channel overflow occured. At lower channel inclinations and 
increasing the fluidizing velocity from 1.5 to 3.5umf, the bed depth decreased 
gradually over the whole range of mass feed rates (0.1 to 3 kg/s). At higher channel 
inclinations, a sudden drop in bed depth ( especially at higher mass feed rates) was 
observed when the superficial gas velocity was increased from 1.5 to 2.2umf· This 
was followed by a small change in bed depth when the fluidizing velocity was further 
increased. At lower superficial gas velocities a steeper slope of the free surface was 
noticed, while at higher velocities the slope became milder, leading to uniform flow, 
i.e. constant bed depth at certain conditions. 
(iv) The depth of the flowing bed increased with the size of the particles, due to 
the increase of the apparent viscosity with mean particle size. 
( v) The slope of the free surface of the flowing bed flattened as the 1 m long 
section was added to the 1.3 m long channel. In the shorter channel mainly 
accelerated flows prevailed, characterized by a large reduction in bed depth as the 
material moved from the feed end toward the discharge end of the channel. More 
uniform flows were noticed in the longer channel, which is partly due to the 
increased flow resistance caused by the formation of a defluidized region at the 
junction of the two channels. A significant increase of the average bed depth, by a 
factor of 1.5 to 3 over the range of mass feed rates from 0.1 to 2 kg/s, was noticed 
between the 1.3 m long and the 2.3 m long channels when the slow plug flow had 
been established. On the contrary, no change in bed depth was observed between the 
1.3 m long and the 2.3 m long channels for the case of rapid uniform flow. 
(vi) The increased flow resistance caused by the defluidized region ( """'30 mn1~ ..... ~ 
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wide) acted as a dam, the free surface of the flowing bed being much higher in the 
1.3 m long channel than in the following 1 m long section at low superficial gas 
velocities. Only at high mass feed rate, superficial gas velocity and channel 
inclination was it possible to overcome the resistance to the flow exerted by the 
Plexiglass strip. In this case, uniform flow over the entire length of the 2.3 m long 
channel was established. But, the positive aspect of the defluidized region in 
maintaining a larger bed depth over the 1.3 m long channel is essential for the 
concept of the coal cleaning process. 
(vii) At superficial gas velocities between 2.3 and 3umf, and 40 mm bed depth, 
the flowing bed of 139 µm magnetite behaved like a Bingham plastic fluid, with a 
yield shear stress in the range from 0.28 to 6.2 Pa, and plastic viscosity in the range 
from 0.20 to 0.33 Pa·s. At higher superficial gas velocities, a tendency towards 
Newtonian flow was indicated by the shapes of the flow behavior curves and by the 
increase of the non-Newtonian flow index n' from 0.35 to 0.78. For a fluidizing 
velocity of 2.3umf and a 55 mm bed depth, the flowing bed displayed pseudoplastic 
behavior. This is a clear indication that the behavior of the flowing bed is dependent 
on the bed depth. 
(viii) The Darcy friction factor vs. generalized Reynolds n um her correlation for 
laminar flow of non-Newtonian fluids fits the experimental data reasonably well. It 
appears that the concept of laminarity can be applied to fluidized flow even if, due to 
the bubbling activity, no streamlines are present in the flowing fluidized bed. In 
addition, the relationship /0 = Ce/ Re' is only strictly valid for laminar flow. 
(ix) Due to good agreement obtained between float velocities and mean flow 
velocities in the range up to ""'0.1 m/s, it appears that the assumption of a flat 
velocity profile over the bed cross-section is justified. 
(x) At very low shear rates the occurence of 'pulsations' in the flow was 
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observed. This phenomenon could be related to the Bingham plastic behavior of the 
flowing bed, in that a yield shear stress has to be exceeded for the magnetite to 
flow. 
(xi) Visual observations showed that transition from plug to semi-plug flow 
,:; 
'-,i 
occured at moderate flow velocities. A 'boundary layer' was formed in which the 
majority of the horizontal velocity gradient was developed. The evidence of the wall 
effect was also demonstrated by preferential bubbling at the walls, especially at 
lower superficial gas velocities. 
(xii) Formation of hydraulic jumps in flowing fluidized beds is possible at 
moderate flow velocities and higher superficial gas velocities. If no restriction of the 
downstream flow is present, the hydraulic jump travels down the channel and 
disappears at the discharge end of the channel. This is followed by a transition to 
very rapid, vigorously bubbling uniform flow. 
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Nomenclature 
A Cross-sectional area of a bed of particles, [ m2] 
C Constant, equation (2.37) 
Ce Constant, fc) = Ce/ Re' 
C' Constant, equation (2.6) 
D Diameter of pipe, [ m ] 
Db Diameter of cylindrical batch bed, [ m ] 
DH Hydraulic diameter, [ m ] 
da Sieve aperture size, [ µm ] 
dm Geometric mean of sieve aperture, [ µm ] 
dv Volume diameter of a particle, [ µm ] 
' 
dvsm Volume-surface mean diameter of a particle, [ µm ] 
dwm Median size of particle in a bulk solid, [ µm ] 
f Pipe friction factor 
f O Darcy friction factor 
f F Fanning friction factor 
g Acceleration of gravity, [ m/s2] 
H Height of the free surface of the bed, [ m ] 
Hmf Depth of bed at condition of incipient fluidization, [ m ] 
h Depth of flowing bed, [ m ] 
hav Average bed depth, [cm] 
k Constant, equation (2.12); consistency factor for power-law fluid, [kg/m-s2-n] 
, 
k' Modified consistency factor for pipe flow, equation (2.25), [kg/m·s2-n] 
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0 
kd Shear stress/velocity coefficient at the distributor, [ Pa·s/m ] 
kµ Coefficient for apparent viscosity of particles, [ Pa·s/m ] 
kT Coefficient for yield stress of particles, [ Pa/m ] 
L Length of pipe, [ m ] 
l Length of channel, [ m ] 
m Mass of solids, [ kg] 
m Solids mass flow rate, [ kg/s ] 
n Power-law index, equation (2.12) 
ndp Number of experimental data points, equation (3.13) 
n' Modified power-law index for pipe flow, equation (2.24) 
P Wetted perimeter of a bed of particles, ( m ] 
Q Volumetric flow rate, [ m3 /s ]· 
Re Reynolds number 
Re' Generalized Reynolds number, equation (2.29) 
Particle Reynolds number, equation (2.4) 
uav Mean velocity ( over cross-section of flow), [ m / s ] 
tt.rl Float velocity, ( m/ s ] 
umb Minimum bubbling velocity of fluidized bed, [ cm/s ] 
umf Minimum fluidization velocity, ( cm/s] 
umf M Minimum fluidization velocity of magnetite, ( cm/s ] 
I 
Superficial gas velocity, ( cm/s ] 
v Flow velocity, [ m/s] 
w Width of channel, [ m ] 
x Mass fraction 
y Depth of bed measured from the free surface, [ m ] 
Inclination of channel, [ deg. ] 
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/3 Correction factor in the kinetic energy term, equation (2.37) 
i' Shear rate, [ s-1] 
' i'm Measure of the shear rate at the pipe wall, [ s-1] 
Deviation 
~p Pressure drop, [ Pa ] 
~Pb Pressure-drop across bed of particles, [ Pa ] 
-6.pd Pressure-drop across distributor, [ Pa] 
Emf Voidage of bed at condition of incipient fluidization 
µ Dynamic viscosity, [ Pa·s ] 
µapp Apparent viscosity, [ Pa·s ] 
µe Effective viscosity of non-Newtonian fluid, [ kg/m -s2-n'] 
µf Fluid viscosity, [ Pa·s ] 
µp Plastic viscosity or coefficient of rigidity (for Bingham plastic), [ Pa·s ] 
p Density, [ kg/m3] , 
Bulk density, [ kg/m3] 
Pbfl Fluidized bulk density, [ kg/m3] 
Pbl Bulk density, loose, [ g/ cm 3] 
Pt Density of fluid, [ kg/m3 ] 
Pp Density of solid particles, ( kg/m3 ] 
T Shear stress, [ Pa] 
T d Shear stress at distributor, ( Pa ] 
TU Shear stress in i-th direction on the j-th surface, ( Pa ] 
Tw Shear stress at bed wall, ( Pa] 
Ty Yield shear stress (for Bingham plastic), [ Pa] 
<Ps Sphericity 
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APPENDIX 
Design of the open-channel flowing fluidized bed system 
A.1 Introduction 
In the early stage of the coal cleaning project, a 1.3 m long fluidized channel was 
built for feasibility testing (Figure A.l). The cha.nnel is rectangular in cross section 
and it has a porous plate distributor and two air plenh.ms. At first, this bed was 
I 
used for the investigation of the flow characteristics <fl fluidized magnetite powder, 
',/ 
but because of the relatively small feed hopper and its lack of a solids return system, 
,,.the maximum mass feed rate of magnetite was restricted to approximately 6,800 
g/min ( ~0.1 kg/s). 
It was decided to provide larger hoppers and a flat belt conveyor which 
would enable achieving mass feed rates as high as 5 kg/s (Figure A.2). This was 
necessary in qrder to gain a better understanding of the relationship between the 
feed rate of solids and the depth of the flowing bed. 
For the purpose of carrying out the coal cleaning tests, and examining 
different ways of removing the material from the continuously operating fluidized 
bed, a 1 m long extension of the same channel cross section as the previous bed was 
designed and built. The length of the additional bed section was selected so that the 
existing conveyor could be utilized (Figure A.3). This system made it possible to 
gain a better insight into the variation of the free surface profile with distance from 
the feed end under different operating conditions. The use of a longer bed serves to 
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Figure A.3 The 1.3 + 1.0 m long fluidized bed system. 
reduce the effects of disturbances at entry and exit. 
Referring to Figures A.2 and A.3, the flow circuit is comprised as follows: the 
magnetite powder stored in the upper hopper is discharged through a slide gate 
valve and is delivered 'by a chute to the aerated channel. The fluidized solids flow 
along the ~length of the channel and are collected via a chute in the lower hopper 
(receiver) situated on the flat belt conveyor. The latter is inclined in order to deliver 
the solids to the upper hopper, which thus completes the circuit. 
The next section deals with the selection and the design of the functional and 
structural components. 
A.2 Components of the fluidized bed system 
A.2.1 Fluidized channel 
The original fluidized channel is 1.3 m long and 100 mm wide. The fluidizing air is 
supplied via two adjacent air plenums which are 100 mm wide and 130 mm deep. 
These are connected to the air supply through separate air inlet pipes. A cross 
section of the channel assembly is shown in Figure A.4. The plenum chamber base 
and walls are of 3 mm, and top flanges of 6 mm mild steel sheets, all welded 
together. The channel walls are of 12. 7 mm thick and 100 mm high Plexiglass, glued 
to two 25.4 mm thick flanges. A 3 mm thick rubber gasket is inserted between the 
flanges of the bed walls and plenum chamber to achieve an air tight seal, and the 
components are clamped together by 6 mm diameter bolts. The distributor material 
is placed between the two Plexiglass flanges of the bed walls and sealed with 
Silicone. At the feed end, the channel is closed with a 100 mm by 100 mm Plexiglass 
insert. At the downstream discharge end, the bed ends with a short curved slope 
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which enables free discharge of the flowing material. 
The additional bed section was designed so that the channel cross-section is 
the same as that of the existing~ bed. The bed extension is 1 m long and 100 mm 
wide. The fluidizing air is supplied via an air plenum of the same width as the 
channel, and is 95 mm deep. The air inlet pipe is, connected to a tube with holes 
) 
facing the bottom of the plenum chamber to provide uniform air distribution. A 
cross section of the channel assembly is shown in Figure A.5. The plenum chamber 
base and walls are of 3 mm, and top flanges of 6 mm mild steel sheets, all welded 
together. The channel walls are of 12. 7 mm thick and 150 mm high Plexiglass, glued 
to 12. 7 mm thick flanges. The distributor material is placed on two thin rectangular 
rods welded along the inner side of the v-bed walls. A rubber gasket is inserted 
between the distributor and the rods to prevent air leakage. The distributor is fixed 
in position by fastening the flanges of the bed walls and plenum chamber with 6 mm 
diameter bolts. Also, Silicone is used for sealing the distributor to the bed wall 
flanges. 
The two beds are joined together by a connecting mechanism located at each 
side of the channel walls. The mechanism consists of two 1.5 mm steel plate parts, 
each bolted at one end of the channels' walls, and a 14 mm diameter screw welded at 
one of the parts serving as a tightener. 
A.2.2 Distributor 
The material used for the distributor is a 100 mm thick, porous sheet grade No. 15 
made of sintered glass beads, manufactured by Eaton Products Int. Inc. It is a flat 
plate structure of uniform porosity. The diameter of the pores is much less than that 
of the magnetite powder used for the experiments, thus helping to prevent plugging 
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of the pores with fragments of magnetite particles. The same material had been used 
for the small 150 mm diameter fluidized bed where uniform fluidization was achieved 
under a range of conditions and with different powdered materials. The only 
drawback of sintered porous plate materials is the low elastic modulus which can 
result in distributor cracking if improperly assembled when working with large bed 
areas. The pressure drop through the 10 mm thick distributor plate is relatively 
large compared to usual practice in fluidized beds. Nevertheless the large tip was 
used in these experiments to help insure uniform fluidization across the width of the 
channel. 
A.2.3 Solids return system 
It was soon realized that without the possibility of continuous reloading of the 
magnetite hopper, experimenting would be restricted to low mass feed rates of solids, 
approximately 0.1 kg/s. The desired maximum solids feed rate of 5 kg/s could be 
achieved with several different types of bulk solids handling systems. Because of its 
simple design, easy installation and totally enclosed structure, one of the most 
convenient would be a type of flexible screw conveyor. Unfortunately, a major 
drawback of this type of system is the crushing of materials particularly susceptible 
to attrition, as is the case with magnetite powder. 
The decision was thus made to install a belt conveyor. But because of a 
vertical elevation requirement o.f about 2 m for a· relatively short horizontal distance 
of 1.5 m, only a conveyor with a flat cleated belt and corrugated edging had the 
capability to carry material to inclinations up to 60 °. However, in this work the 
maximum feed rate for magnetite particles was limited to about 3 kg/s at 52° 
inclination due to backflow of material down the conveyor belt. After an extensive 
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search, a number of possible manufacturers were identified and a purchase order was 
placed with Roll-A-Way Conveyors Inc., Gurnee, Illinois. Their equipment was 
chosen mainly because it is provided with adjustable supports, which provided 
needed flexibility for the laboratory. 
The 'Pocket-Veyor' {see Figure A.2) comprises a 254 mm wide rubber belt 
running on 150 mm diameter drums at 2.4 m centers. The conveying width, between 
50 mm high corrugated sidewalls, is 150 mm and the belt has 50 mm high cleats on 
300 mm centers. The belt is driven by a 370 W, totally enclosed fan cooled DC 
motor, connected to the delivery-end drum(! at a. variable speed from O to 0.8 m/s. 
The support can be adjusted for inclinJron!Jom 20 to 55 • to the horizontal. 
"-._, 
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A.2.4 Hoppers 
There are three hoppers in the continuously operating fluidized bed system (see 
Figure A.2), but only two were needed for the experiments. All are of rectangular 
cross section, constructed of 1.5 mm welded mild steel with a base slope of 50 °, this 
being about 10 ° greater than the angle of repose of the solids, to allow for complete 
emptying. 
The magnetite hopper is the largest, designed to hold 70 kg of material, 
enough to maintain a maximum solids feed rate of 5 kg/s. It is equipped with a slide 
gate at the bottom acting as a discharge valve. 
The coal hopper, to be used in the coal cleaning tests, is designed to hold 25 
kg of material and it also has a slide gate at the bottom. 
The third hopper is mounted on the conveyor and was designed to collect 
solids from the bed discharge and direct them onto the conveyor belt, thus 
166 
preventing spillage. Although satisfactory operation was achieved at lower mass feed 
rates, some spillage occured at higher feed rates due to splashing of magnetite as it 
hits the cleated belt and is suddenly accelerated. 
A.2.5 Supports 
As mentioned before, the belt conveyor is equipped with its own adjustable support 
which is designed for inclinations form 20 ° to 55 ° to the horizontal. The support 
consists of 40 mm x 5 mm mild steel angles and 50 mm mild steel square tubes of 
3 mm thickness, bolted together. 
The hoppers are mounted on a structure of 40 mm x 1.5 mm slotted mild 
steel angles of different standardized lengths, which greatly simplifies assembly since 
all joints are bolted. The supports for the fluidized channel are of the same elements 
as for the hoppers, so that provision is made for variation of the channel inclination 
from -3 ° to 3 ° in the direction of flow by changing the height of the supports. 
The main advantage of this type of structure is its flexibility in accomodating 
different fluidized bed designs by simply changing the inclination of the belt conveyor 
and readjusting the height of the supports for the hoppers and the new channel. This 
is illustrated in Figures A.2 and A.3. The inclination of the 2.3 m long channel 
is set up by changing the height of two threaded rods incorporated in the support at 
the discharge end (Figure A.3). 
A.2.6 Fluidizing air supply 
The required air flow was provided by an existing Ingersoll-Rand compressor unit 
delivering 14 m3 /min at 6 bar. To eliminate fluctuations a Moore model 42 pressure 
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regulator was installed into the output flow pipe. 
The superficial gas velocity was metered by two Ametek Inc. (Schutte & 
Koerting Div.) pre-calibrated model 5 and 6 - HCFB rotameters, each fitted with its 
own down-stream flow control valve. A 'U' tube mercury manometer was connected 
to the air flow output to take into account pressure corrections to the rotameter 
calibration curves. Temperature corrections were taken into account by measuring 
the ambient temperature. 
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